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Abstract 

Petroleum refining is one of the most important chemical processing industries, converting 

crude oil into many usable and useful products, but it can cause adverse environmental impacts. 

Two environmental issues were addressed: i) reducing ammonia concentrations in wastewater 

and ii) reducing selected carbon dioxide emissions using carbon capture technology. Ammonia 

removal during waste water treatment is important because of its potential toxic effects in 

aqueous environments. Although biological treatment is generally favourable, its application 

in cold climates is ineffective due to slow kinetics. An adsorption process is one viable 

alternative process that can be used to reduce ammonia concentrations, and accordingly 10 

commercial ion exchange resins and 6 zeolites were tested to assess their effectiveness for the 

removal of ammonia from real polluted water samples (3.8 to 8 mg/L NH3−N) containing other 

cations. In subsequent tests, the performance of six selected adsorbents was further 

characterized using Langmuir, and Freundlich isotherm and pseudo-1st, and pseudo-2nd order 

kinetic models. The results showed that the Dowex resin was best characterized by the 

Langmuir isotherm while LEWATIT resin, AZLB-Na and NV-Na zeolites were by the 

Freundlich one. Also, each adsorbent was best characterized by pseudo-2nd order kinetics. 

Adsorbent equilibrium capacities in the range of 0.2 to 0.4 mg/g were determined for ammonia 

concentrations of approximately 1 mg/L. Because of its high selectivity towards ammonia, a 

LEWATIT S 108 H resin was tested to assess its effectiveness in the batch and continuous 

adsorption of ammonia from the real wastewater. Batch adsorption tests were conducted using 

different masses of LEWATIT for 22.7 mg/L (NH3−N) wastewater and the equilibrium data 

so obtained were characterized using Langmuir and Freundlich isotherms to obtain model 
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constants. Continuous adsorption tests were then carried out in two different sized fixed-bed-

glass columns to obtain breakthrough curves. Also, ammonia desorption from LEWATIT was 

achieved using (5:100 w/v) HCl with an efficiency of approximately 50%. The Bohart-Adams 

and Thomas models were used to fit the experimental breakthrough curves for finding model 

parameters. The results show that the LEWATIT performance can be well-characterized by 

both the Bohart-Adams and Thomas models in the fixed-bed column. For comparison, a 

column was loaded with the AZLB-Na zeolite to generate a breakthrough curve, and the 

desorption process was achieved using sodium hydroxide. Bohart-Adams and Thomas models 

were employed to find model parameters that would describe the breakthrough curve of the 

adsorption process. These were then compared with experimental results, showing good 

agreement.  

With respect to carbon dioxide emissions, the Fluid Catalytic Cracking (FCC) unit was the 

focus because it causes the bulk of the CO2 emissions in a refinery (around 30%). Simplified 

mathematical models were derived using static and dynamic heat balances of both the reactor 

and regenerator. The main purpose of studying dynamic responses was to find the most 

influencing flow rates and their lower/upper limits to ensure that reactors/regenerator 

temperatures work within normal operating conditions, which are used as side constraints in 

the optimization technique. In the regenerator where combustion takes place, two systems were 

examined: post-combustion and oxy-combustion since percentages of the CO2 content differ. 

In an oxy-combustion system, the CO2 captured will not only be sequestered but also will be 

used as a side stream to the FCC unit since the operation will be continuous. 
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Chapter 1: 

Introduction 

1.1 Background 

In the petroleum refining industry, more than 2500 useful refined products are converted from 

crude oil including products from atmospheric and vacuum distillation columns such as 

liquefied petroleum gas, gasoline, kerosene, aviation fuel, diesel fuel, fuel oils, lubricating oils, 

and products for the petrochemical industry. In the refinery, processes start with transporting 

crude oil form storage until shipping the refined products including all petroleum treatments 

and refining operations. Figure 1.1 shows the general petroleum refining processes that are 

used by many refineries around the world. The importance of those processes can vary among 

refineries depending on many factors such as the refinery size and feedstock nature, etc. 

Because of refining activities, refineries have emissions and containments sources which have 

negative effects on air and water. Therefore, it is mandatory that any refinery must have 

wastewater treatment units and air pollution control (Addington et al., 2011).    

Due to consuming massive amounts of the water for refining operations such as distillation 

and hydro-treating, wastewaters amount produced form those operations are equal to 0.4-1.6 

of the refined petroleum (Colvin, et al., 1991; Yan et al., 2014). Therefore, all refineries must 

have wastewater plants for either discharging wastewaters to the environment safely under 

acceptable limits or reuse in the refinery. Effluents from the various wastewater refining were 

collected from different processing units and then treated in the treatment plants using 

appropriate methods. Because of the various refinery pollutants, selecting the appropriate 

methods and design of the wastewater treatment plants are very complicated since the 
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pollutants vary from dissolved solids, oil, phenols, sulfides, and toxic chemicals such as 

ammonia (Addington et al., 2011).  

 

 

 

 

 

 

 

 

 

 

Figure 1.1: Processes of the general petroleum refining. 
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For example, Figure 1.2 shows ammonia percentages in each refinery process. Ammonia 

percentages are 44%, 26% and 10% for distillation, fluidized catalytic cracking and catalytic 

reforming respectively as well as 4% for each alkylation and crude desalting, 3% for each 

visbreaking, and hydrocracking unit and 2% for each coking, isomerization and hydrotreating 

unit (DOE, 2003). Refinery configuration plays a key role in a petroleum wastewater quality. 

Generally, a range of ammonia concentration in petroleum wastewater is 3.28-51.65 mg/L 

(NH3−N) (Tyagi et al., 1993). 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 1.2: Ammonia percentages in the petroleum refining wastewaters produced by each unit. 
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atmosphere. In addition, refineries are considered as a good option for carbon capture and 

storage (CCS) due to the large amount of carbon dioxide, especially in the FCC unit which 

represents approximately 30 – 40% of the total carbon emissions respectively (Stockle and 

Bullen, 2008; de Mello et al., 2009, 2013; van Straelen et al., 2010; Miracca et al., 2013). 

 

1.2 Research Outline 

The objectives of this work can be summarized as follows: 

1. Screening tests of 16 adsorbents in ammonia removal from wastewaters of the refineries 

and industries sites. 

2. Advanced tests of best two resins and two zeolites with applying isotherms and kinetics of 

the batch process.  

3. Studying a continuous adsorption and desorption of the one resin and one zeolite using two 

different-size columns.   

4. Implement carbon capture techniques in the petroleum refinery, especially in the FCC unit, 

that were considered as rich CO2 sources with study the dynamics of the two processes.  

5. Compare the two combustion schemes for the FCC unit by applying optimization 

techniques for each scheme. 

6. Study relative gain array of two combustion schemes for the FCC unit. 

A typical FCC unit will be taken as case studies in the simulation work using MATLAB 

software for deriving dynamic models and finding results of the optimization techniques. 
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1.3 Thesis Structure 

This thesis consists of six chapters and two appendices organized as follows: chapter two 

delivers a batch adsorption process using various adsorbents to find the most efficient ones. 

Chapters three and four present a continuous adsorption process in which one resin and one 

zeolite were tested experimentally through analyzing their breakthrough curves to find out 

model’s parameters and design theoretically. Also, chapter four investigates a use of the 

photoreactor as a second process to remove the ammonia from wastewaters in a batch process. 

Chapter five starts by a brief literature review that is related to models and optimization 

techniques in petroleum refining and CO2 capture. Methods and techniques such as state space 

analysis, and relative gain array and optimization techniques are presented. The chapter 

includes then simulation results of the FCC unit. Chapter six provides recommendations and 

future works. Finally, Appendix A gives more details in terms of photos, figures and tables 

about the adsorption process while Appendix B provides simulation data of the FCC unit. 
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Chapter 2: 

Batch Adsorption Process 

2.1 Introduction 

Wastewater from industrial activities contains heavy metals, organic substances, and 

suspended liquid and solids at hazardous levels. This is harmful to environmental life and has 

many potential health risks to people (Alwan et al., 2010; Alwan & Mehdi, 2010). Ammonia 

in wastewater, for instance, can be toxic to species in the aquatic environment at concentrations 

over about 2 mg/L, depending on pH, temperature and other factors. Also, ammonia in 

wastewaters can be classified into two forms: unionized ammonia (NH3) and an ionized 

ammonium (NH4
+) but unionized ammonia is more toxic than ionized one (Batley, & Simpson, 

2009; EPA 2013). In many locations, the ammonia can be biologically converted to nitrate, but 

in colder climates the biological oxidation process is too slow to be used as an effective 

treatment option for much of the year (Jermakka et al., 2015). Therefore, in these situations 

other treatment options must be considered and employed, such as air-stripping, breakpoint 

chlorination, or capture methods based on adsorption (Gupta et al., 2015; Jermakka et al., 

2015). Adsorption processes have some attractive features in these situations compared to air-

stripping and chlorination, being relatively simple to operate and not requiring oxidizing 

chemicals (Widiastuti et al., 2011; Huang et al., 2017). One approach to ammonia adsorption 

for other wastewaters has been based on zeolite minerals (Leyva-Ramos et al., 2010; Wang 

and Peng, 2010). Zeolites are hydrated aluminosilicate minerals with a porous structure that 

can accommodate a wide variety of cations such as Na+, K+, Ca2+ and Mg2+ and that can readily 

be exchanged for other cations in a solution (Wang and Peng, 2010).  Zeolites from a variety 
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of sources have been shown to be capable of adsorbing ammonia (in the NH4
+ form) from a 

range of different waters and wastewaters (Cooney et al., 1999; Hedström, 2001; Wang et al., 

2007; Vassileva and Voikova, 2009; Huang et al., 2010; Widiastuti et al., 2011; Zhang et al., 

2011; Huo et al., 2012).  Adsorption of cations such as ammonium can also be achieved using 

ion exchange resins, which are polymer-based rather than natural or inorganic materials like 

zeolites (Abrams and Millar, 1997). Although ion exchange resins tend to be more expensive 

(Huang et al., 2017), there may be advantages in terms of capacity and selectivity (Widiastuti 

et al., 2011; Gupta et al., 2015). The adsorption of ammonia in water by ion exchange resins 

has been studied but to a much lesser extent than zeolites (Huang et al., 2017).  For example, 

Jorgensen and Weatherley (2003, 2006) examined the removal of ammonia using 

Clinoptilolite, Dowex 50w-x8, and Purolite MN500 resins from wastewaters containing 

organics for finding a synergistic effect and Malovanyy et al. (2014) used Purolite C104 for 

ammonia removal from municipal wastewater. However there seems to be a lack of studies on 

the potential application of ion exchange resins to industrial wastewaters, which are typically 

low in organics content but contain a variety of inorganic ions (Jermakka, 2015). In this thesis, 

we expand on these studies by: i) using a diverse range of types of adsorbents (10 resins & 6 

zeolites) for removing ammonia at lower concentrations (3.8 – 22.7 mg/L) from real 

wastewater samples to characterize their capacities and determine the most effective ones, and 

ii) selecting the most promising adsorbents for more detailed study of their behavior in a batch 

adsorption process, including quantification of the absorbents using isotherms and kinetic 

models. Since activated carbon cannot be easily regenerated and regeneration is an important 

component of our industrial partner requirements; therefore it was not considered in this thesis. 
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2.2 Types of Wastewaters 

Two types of wastewater were used in an ammonia adsorption: first was synthetic wastewater in which 

0.8 L of DI water was mixed with 3 mL of 11.692 g/L NH4Cl stock solution in a one-liter 

plastic container to ensure that initial ammonia concentrations (NH3−N), approximately 10.4 

mg/L, were as similar as possible for the adsorbents. pH was measured before and after mixing 

and adjusted to approximately 7.0 by adding dropwise of 0.01 M sodium peroxide (NaOH). 

Unused bulk solutions were maintained in cold storage at 4 oC to prevent ammonia degradation 

due to bacteria activity and then used in the laboratory at 22.5 oC for adsorption experiments. 

Second was the 40-L real wastewater, delivered from a Canadian company located in the north, 

stored in a cold room and used as same as synthetic wastewater. Depending on the provided 

data from industry, Table 2.1 shows the full composition of the wastewaters. 

Table 2.1: A full composition analysis of the real wastewater used. 

Element Ag Al As Cd Cr Hg 

Concentration (ppb)* 0.051 180.4 19.23 0.686 14.24 <0.005 

Element Mn Mo Pb Se Tl Zn 

Concentration (ppb) 181.7 24.91 1.598 8.224 0.009 53.53 

Element B Ba Be Bi Br Ca 

Concentration (mg/L) 0.139 0.076 <0.001 <0.014 3.52 272.2 

Element Cl Co Cu F Fe K 

Concentration (mg/L) 451.1 0.012 0.038 <0.20 0.361 69.57 

Element Li Mg Na Ni P S 

Concentration (mg/L) 0.019 14.75 146.7 0.648 0.018 163.4 

Element Sb Si Sn SS Te Ti 

Concentration (mg/L) <0.003 4.941 <0.005 6.8 <0.028 <0.005 

Element V Zr  

Concentration (mg/L) <0.004 <0.003 

Component  NH3 NO2 NO3 PO4 SO4 pH = 8.3 

Concentration (mg/L) 22.6 12.1667 132.2 <2.00 499.5 

* ppb: part per billion. 
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2.3 Adsorbents 

A variety of ion exchange resins and zeolites were assessed for their ability to remove ammonia 

from the wastewater as follows in Figure A.1, Table 2.2 and Table A.1 which provided from 

manufacturers’ guide: resins are polymeric beads made of polystyrene cross-linked with 

divinylbenzene and have fast kinetics and high ammonia removal efficiency (Malovanyy et 

al., 2014; Sica et al., 2014). The resins that used in this research were sulfonic acid functional 

group into two forms as follows: the Na+ form cationic exchange resins Diaion PK216, Diaion 

PK228, SK1B, Tulsion T-42 Na, and Tulsion T-52 Na BC are all strong acid cation exchange 

resins. The H+ form cationic exchange resins are Dowex 50Wx8 50-100 Mesh, Lanxess 

LEWATIT MonoPlus S108H, Purolite Hypersol-Macronet MN500, Purolite C100H are 

strong-acid cation-exchange resins. One weak-acid cation-exchange resin, Purolite C104 Plus, 

was tested. Zeolites are crystalline miso-porous aluminium silicates (Vocciante et al., 2018) 

and could be classified into many types such as Clinoptilolite (Ca and Na forms), Chabazite 

and Mordenite (Weatherley & Miladinovic, 2004; Langwaldt, 2008). The zeolites employed 

were NM-Ca (Cliniptilolite, Ca form), NV-Na (Cliniptilolite, Na form), AZLB-Na (Chabazite, 

Na form), NV-Na *TM Ammonia Specific (Cliniptilolite, Na form) and AZLB-Ca (Chabazite, 

Ca form). All the zeolites were washed, filtered and oven-dried before use. The type and 

modification of the resins/zeolites, pH, and temperature are essential factors that effect on their 

capacity for removal ammonia from wastewater (Jha & Hayashi, 2009; Leyva-Ramos et al., 

2010; Lin et al., 2013). For strong acid resins, the selectivity of Na+ form is more than that of 

H+ one as follows: Fe3+ ˃ Al3+ ˃ Pb2+ ˃ Sr2+ ˃ Ca2+ ˃ Co2+ ˃ Ni2+ ˃ Cu2+ ˃ Zn2+ ˃ Mg2+ ˃ 

Mn2+ ˃ Ag+ ˃ Cs+ ˃ Cd2+ ˃ K+ ≈ NH4 ˃ Na+ ˃ H+ ˃ Li+ ˃ Hg2+ (Alchin, 1998). 
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For chabazite zeolites, Ti+ ˃ K+ ˃ Ag+ ˃ Rb+ ˃ NH4
+ ˃ Pb2+ ˃ Na+ = Ba2+ ˃ Sr2+ ˃ Ca2+ ˃ Li+ 

(Langwaldt, 2008) or K+ ˃ NH4
+ ˃ ˃ Na+ ˃ Mg2+ (Lahav & Green,1998). 

For clinoptilolite zeolites, Cs+ ˃ Rb+ ˃ K+ ˃ NH4
+ ˃ Ba2+ ˃ Sr2+ ˃ Ca2+ ˃ Fe3+ ˃ Al3+ ˃ Mg2+ ˃ 

Li+ (Ames, 1960). 

Table 2.2: Some physical and chemical specifications of the selected adsorbents. 

Adsorbent Capacity Surface Area 

m2/g 

Particle size  

mm 

Density 

 g/mL 

Operating pH Temperature 

  oC 

Dowex 50Wx8 1.7 Meq/L - 0.1-0.2 0.80 0 − 14 100 

Purolite MN500 0.8 eq/L - 0.3-1.2 1.19 0 − 14 120 

Purolite C104Plus 3.8 eq/L - 0.3-1.6 1.18 0 − 14 120 

Purolite C100H 2.0 eq/L - 0.3-1.6 1.20 0 − 14 140 

Zeolite NM-Ca 0.8-1.2 Meq/g 15 - 1.60 3 − 10 650 

Zeolite NV-Na 1.85 Meq/g 40 - 1.60 3 − 10 650 

Zeolite AZLB-Na 2.5 Meq/g 520 - 1.73 3 − 12 650 

Zeolite NV-Na *TM 1.85 Meq/g 40 - 1.60 3 − 10 650 

Zeolite AZLB-Ca 2.5 Meq/g 460 - 1.73 3 − 12 650 

DIAION PK228 2.1 Meq/g - 0.74 1.32 0 − 14 120 

DIAION SK1B 2.0 Meq/g - 0.75 1.28 0 − 14 120 

DIAION PK216 1.75 Meq/g - 0.72 1.26 0 − 14 120 

Tulsion T-42  2.0 eq/L - 0.3-1.2  0.87 0 − 14 140 

Tulsion T-52  1.90 eq/L - 0.3-1.2  0.86 0 − 14 120 

LEWATIT  2.2 eq/L - 0.62 1.26 0 − 14 120 

KMI Zeolite 1.6-20 meg/g 40 - 1.89 3 − 10 700 

*Meq: milliequivalents. 

 

2.4 Adsorbent Analysis 

For the adsorption experiments on synthetic/real wastewater, analysis was conducted using a 

UV-visible spectrophotometer (HP8452A diode array), pH meter (JENCO Electronics LTD, 

Model 1671) as shown in Figure A.2, and high-range Hach kits for ammonia (Ammonia HR 
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TNT, Hach Company/Hach Lange GmbH, USA). The pH meter was used to measure the pH 

of the wastewater before and after addition of the adsorbents. The Hach kits were used to 

colorimetrically determine the ammonia concentration as nitrogen (NH3−N) using the 

manufacturer’s procedure published for the kits as follows: A 0.1-mL sample containing 

ammonia was combined in the test vials with a hypochlorite solution to form mono-chloramine 

and then a salicylate reagent was added to form 5-aminosalicylate, which is yellow, and then 

a sodium nitroprusside agent to form a blue-coloured complex. The blue colour is masked by 

the yellow coloured 5-aminosalicylate, which is in excess, and the resulting colour is green. 

After 20 min, the absorbance is ready to be measured by a spectrophotometer at 655 nm 

wavelength and quantified using a pre-set instrument program method (343 N, Ammonia HR 

TNT). The accuracy of using Hach kits under these conditions is about ±5%. 

 

2.5 Experimental Work 

Two sets of batch adsorption experiments were conducted: screening and advanced tests. 

2.5.1 Screening Tests 

For initial screening tests of ammonia adsorption performance, simple vial tests of the ion 

exchange adsorbents were performed using the following procedure: 35 mL of the real 

wastewater were added into 40 mL amber vials. A 0.1 mL sample of the solution was collected 

and analyzed for NH3−N before any adsorbent was added. Then 1.0 gram of each adsorbent 

was added to the real wastewater in each of the vials and the contents were left to stand for 7 

hours while being shaken multiple times by hand before a final sample was collected and 
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analyzed NH3−N. The percentage of NH3 removal was calculated for each adsorbent as 

follows: 

% 𝑁𝐻3= 
𝐶0−𝐶𝑡

𝐶0
 ×  100                                                                                                          (2.1) 

where 𝐶𝑜 and 𝐶𝑡 are concentrations (NH3−N) (mg/L) at the initial and time 𝑡, respectively.  The 

results in mg NH3/g adsorbent were compiled to determine the most efficient adsorbent before 

proceeding onto more detailed studies of the selected adsorbents. Also, pH for each adsorbent 

was recorded before and after the screening test. 

2.5.2 Advanced Tests 

Based on the preliminary results of the ammonia adsorption from initial testing for the 16 

adsorbents, more detailed timed studies were conducted on the best 6 selected adsorbents to 

compare their efficiencies at equilibrium. For these more detailed tests, each of the 6 adsorbents 

was tested in deionized (DI) water with the sample water tests. To ensure that the starting 

concentrations for the adsorbents were as similar as possible. For preparation of DI water 

spiked with NH4Cl (synthetic wastewater), the procedure was as follows: 800 mL of DI water 

was collected in a one-liter plastic container and pH was measured. Then 3 mL of an 11.692 

g/L stock solution of NH4Cl solution was added, the solution was mixed, and the pH measured. 

The pH was adjusted to approximately 7.0 by dropwise addition of 0.01 M NaOH. A 0.1 mL 

sample was collected for analysis of NH3−N using the Hach kit. Unused solutions were kept 

in cold storage and brought to room temperature (22.5C) for each use. For the adsorption 

process, the procedure was as follows: an empty 125 mL plastic container was weighed, 120 

mL of the synthetic wastewater was added, and the container was weighed again with the 
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difference recorded as the volume of water. Last, the adsorbent (1.5 g) was added to the 120 

mL of the synthetic wastewater, the container was capped, and the mixture was vigorously 

shaken by hand initially and then several times throughout the experiment. Water samples were 

collected, and the corresponding pH measured immediately (usually within 5 seconds of 

addition of the adsorbent) and then after 5, 10, 20, 30, 60, 120, and 180 min of exposure to the 

adsorbent. One mL from the solution was removed using a syringe and then filtered through a 

0.45 µm syringe filter into a test tube.  A 0.1 mL aliquot was collected from the test tube and 

tested for NH3−N content using the Hach kit. The percentage of NH3 removal was calculated 

for each adsorbent using Equation 2.1. The same procedure above was used for the tests 

involving real wastewater in which 3 g of the selected adsorbents contacted the real wastewater 

having an initial concentration of 22.7 mg/L NH3−N.  

 

2.6 Isotherms 

The adsorption equilibrium was assessed using Langmuir and Freundlich isotherms, which 

have been used in different adsorption processes by many researchers (Widiastuti et al., 2011; 

Huo et al., 2012; Sadaf & Bhatti, 2014; Wang et al., 2014; Largitte & Pasquier, 2016), at 

different adsorbent masses (1, 2 and 3 g) and initial ammonia concentrations in the real 

wastewater (3.8, 8 and 22.7 mg/L). The solution temperature was maintained at the lab room 

temperature (22.5°C). The adsorption capacity of ammonia at equilibrium can be defined as 

follows:   

𝑞𝑒 =
(𝐶𝑜−𝐶𝑒)𝑉

𝑚
                                                                                                                         (2.2) 
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where 𝐶𝑒 is the ammonia concentration (mg/L) (as nitrogen, i.e., NH3−N) of wastewaters at 

equilibrium, 𝑚 is the mass of the adsorbent (g), and 𝑉 is the volume of the adsorbate (L). The 

most common isotherms were used to describe an isotherm of the ammonia adsorption using 

adsorbents (resins/zeolites). Those models are as follow: the Langmuir isotherm is (Langmuir, 

1918): 

𝑞𝑒 =
 𝑞𝑚𝑎𝑥𝑘𝐿𝐶𝑒

 1+𝑘𝐿𝐶𝑒
                                                                                                                        (2.3) 

can be re-written in the following linearized form 

 𝐶𝑒

𝑞𝑒
=

1

 𝑞𝑚𝑎𝑥𝑘𝐿
+ (

1

𝑞𝑚𝑎𝑥
)𝐶𝑒                                                                                                       (2.4) 

where 𝑞𝑚𝑎𝑥 is the experimental maximum adsorption capacity at time (mg/g) and 𝑘𝐿 is the 

Langmuir constant of the free energy of adsorption (L/mg). If adsorption follows Langmuir 

behavior, a plot of 
𝐶𝑒
𝑞𝑒
⁄  versus 𝐶𝑒 should be linear with a slope 1 𝑞𝑚𝑎𝑥⁄  and intercept 

1
𝑞𝑚𝑎𝑥𝑘𝐿
⁄  from which 𝑞𝑚𝑎𝑥 and 𝑘𝐿 can be determined.  

The essential characteristics of the Langmuir isotherm can be explained in terms of the 

dimensionless equilibrium parameter in Equation 2.5: 

𝑅𝐿 =
1

1+𝐾𝐿𝐶𝑜
                                                                                                                           (2.5) 

where 𝑅𝐿 is the separation factor of the Langmuir isotherm (dimensionless). 

The 𝑅𝐿 value denotes the adsorption type as follows: irreversible (𝑅𝐿 = 0), linear (𝑅𝐿 = 1), 

favorable (0 < 𝑅𝐿 < 1) and unfavorable (𝑅𝐿 > 1) (Weber & Chakravorti, 1974).  
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The Freundlich isotherm is given by the relationship below (Freundlich, 1906): 

𝑞𝑒 = 𝑘𝑓𝐶𝑒
1
𝑛⁄                                                                                                                              (2.6) 

or the linearized version is: 

𝑙𝑛 𝑞𝑒 = 𝑙𝑛 𝑘𝑓 +
1

𝑛
𝑙𝑛 𝐶𝑒                                                                                                           (2.7) 

where 𝑘𝑓 is the Freundlich constant of the adsorption capacity ((mg/g).(L/mg)1/n), 𝑛 is the 

Freundlich constant of the adsorption intensity (dimensionless). A plot of  𝑙𝑛 𝑞𝑒 vs. 𝑙𝑛 𝐶𝑒 

should yield a straight line with intercept 𝑙𝑛 𝑘𝑓 and slope 1 𝑛⁄ .  

 

2.7 Kinetics 

The adsorption kinetics for two batch experiments were characterized for both pseudo-1st and 

pseudo-2nd order behavior: the first was conducted at an initial concentration of 10.4 mg/L and 

1.5 g adsorbent in 120 mL synthetic wastewater, while the second was at an initial concentration 

of 22.7 mg/L and 3 g adsorbent in 120 mL real wastewater.  The solution temperature was 

maintained at the lab room temperature (22.5°C). The adsorption capacity 𝑞𝑡 (mg/g) of 

ammonia at time 𝑡 can be calculated as follows:   

 𝑞𝑡 =
(𝐶0−𝐶𝑡) 𝑉

𝑚
                                                                                                                        (2.8) 

where 𝐶𝑜 and 𝐶𝑡 are the ammonia concentrations (mg/L) (as nitrogen, i.e., NH3−N) of 

wastewaters at 𝑡 = 0 and some later time 𝑡, respectively, 𝑚 is the mass of the adsorbent (g) 

and  𝑉 is the volume of the adsorbate (L). The pseudo-1st and pseudo-2nd order kinetic 
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equations are useful for characterizing the rate of ammonia adsorption onto the adsorbents 

(resins or zeolites) as follows:  

A pseudo-first-order kinetic equation was derived by (Lagergren, 1898), i.e., 

𝑑𝑞𝑡

𝑑𝑡
= −𝑘1(𝑞𝑒 − 𝑞𝑡)                                                                                                            (2.9) 

Integration of Equation 2.9 and substitution of the initial condition 𝑞𝑡 = 0  at 𝑡 = 0 yields: 

𝑞𝑡 = 𝑞𝑒(1 − 𝑒𝑥𝑝(−𝑘1𝑡))                                                                                                     (2.10) 

which can be re-arranged in linearized form to be 

𝑙𝑛(𝑞𝑒 − 𝑞𝑡) = 𝑙𝑛(𝑞𝑒𝑡ℎ) − 𝑘1𝑡                                                                                              (2.11) 

where 𝑘1 is the rate constant of the pseudo-1st-order kinetic model (min-1), 𝑞𝑒 is the 

experimental adsorption capacity (mg/g) at equilibrium, 𝑞𝑒𝑡ℎ is the theoretical adsorption 

capacity (mg/g) and 𝑡 is time (min). If pseudo-1st-order behavior is followed, a plot of 

𝑙𝑛(𝑞𝑒 − 𝑞𝑡) vs. 𝑡 should yield a straight line with slope −𝑘1 and intercept 𝑙𝑛 𝑞𝑒𝑡ℎ.   

A pseudo-2nd order kinetic equation (Ho & McKay, 1999) is as follows: 

𝑑𝑞𝑡
𝑑𝑡
= −𝑘2(𝑞𝑒 − 𝑞𝑡)

2
                                                                                                            (2.12) 

can be integrated using an initial condition 𝑞𝑒 = 0  at 𝑡 = 0 to yield: 

𝑞𝑡 =
𝑘2𝑞𝑒𝑡ℎ

2 𝑡

1+𝑘2𝑞𝑒𝑡ℎ𝑡
                                                                                                                       (2.13) 

which can be re-written in linearized form as: 
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𝑡

𝑞𝑡
=

1

𝑘2𝑞𝑒𝑡ℎ
2 + (

1

𝑞𝑒𝑡ℎ
) 𝑡                                                                                                           (2.14) 

where 𝑘2 is the rate constant of the pseudo-2nd-order kinetic model (g/mg.min). If the system 

obeys pseudo-2nd order kinetics, a plot of  𝑡 𝑞𝑡
⁄  vs. 𝑡 should yield a straight line with slope 

1
𝑘2𝑞𝑒𝑡ℎ

2⁄  and intercept 1 𝑞𝑒𝑡ℎ
⁄  from which 𝑞𝑒𝑡ℎ and 𝑘2 can be determined. 

 

2.8 Regression 

Root-mean-square error (RMSE) was used as a minimization criterion to fit the data obtained 

from experiments to those obtained from isotherms and kinetics models for each absorbent. A 

definition of the RMSE is as follows: 

𝑅𝑀𝑆𝐸 = √
1

𝑁−2
∑ (𝑞𝑒𝑥𝑝,𝑖 − 𝑞𝑒𝑡ℎ,𝑖)

2𝑁
𝑖=1

2
                                                                               (2.15) 

where N is the number of the experiment samples and 𝑞𝑒𝑥𝑝,𝑖, and 𝑞𝑒𝑡ℎ,𝑖 are the experimental 

and model values at each sample 𝑖. 

 

2.9 Results and Discussion 

2.9.1 Screening Tests 

For the purposes of narrowing down the field of potential ammonia absorbents, sixteen 

candidates (10 ion exchange resins and 6 zeolites) were tested with the real wastewater, as 

shown in Table 2.3. Screening tests were done using adsorbents of the first group in 8 mg/L 
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(NH3−N) real wastewater. Then after one month, the same procedure was done using 

adsorbents of the second group in 3.8 mg/L (NH3−N) real wastewater. The initial ammonia 

concentration declined due to biodegradation (bacteria activity) in the wastewater sample, so 

the decision was made to select the best resin and zeolite from the first group (Dowex and 

AZLB-Na) and the second one (LEWATIT and NV-Na) with the addition of two more resins 

(DIAION PK216 and SK1B) suggested by an industrial sponsor. The results from the first 

group of the adsorbents indicated that Dowex and NV-Na were the most effective resins and 

zeolites, respectively, at removing the ammonia from the real water (63%, and 23% adsorption 

within 5 sec respectively and 95%, and 65% adsorption within 7 hours respectively). 

Furthermore, the first group of adsorbents were re-tested at a lower temperature by placing the 

materials in a refrigerator prior and during use. Also, the results indicated that the effect of 

temperature was not significantly detrimental to ammonia adsorption in this wastewater. 

According to the capacities and percentage of ammonia removal of each adsorbent, these 

preliminary results were sufficient to select a few of the best adsorbents to conduct more 

extensive tests, namely the ion exchange resins Dowex 50Wx8 and Puralite C100H, and 

AZLB-Na as an example of the best zeolite material. Also, Purolite C104Plus showed low 

ammonia removal efficiency (Malovanyy et al., 2014). The results from using a second group 

of the adsorbents indicated that LEWATIT and AZLB-Na appeared to be the most effective 

resins and zeolites respectively (15%, and 34% adsorption within 5 sec respectively and 65%, 

and 65% adsorption within 7 hours respectively). 
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Table 2.3: Ammonia absorption capacities of the adsorbents in two different real wastewater samples (35 mL), 

showing percentages of ammonia removal and pH using 1 g of each adsorbent, with ammonia concentrations 

given as NH3−N. 

Adsorbent 
(mg NH3/g) 

at 5 sec 

(mg NH3/g) 

at 7 hr 

(%) removal 

at 5 sec 

(%) removal 

at 7 hr 

pH 

at 7 hr 

First group: Initial NH3−N (mg/L) = 8 mg/L - Initial pH = 5.16 at 22.5 oC 

Dowex 50Wx8 0.175 0.266 62.5 95.0 1.84 

Purolite MN500 0.059 0.175 21.2 62.5 1.91 

Purolite C104Plus 0.003 * 1.20 * 2.80 

Purolite C100H 0.059 0.252 21.2 90.0 1.83 

Zeolite NM-Ca 0.031 0.105 11.2 37.5 5.21 

Zeolite NV-Na 0.066 0.168 23.7 60.0 6.71 

Second group: Initial NH3−N (mg/L) = 3.8 mg/L - Initial pH = 5.12 at 22.5 oC 

Zeolite AZLB-Na 0.045 0.087 34.20 65.78 6.32 

Zeolite NV-Na *TM 0.017 0.021 13.15 15.78 10.26 

Zeolite AZLB-Ca 0.031 0.066 23.68 50.00 7.40 

DIAION PK228 0.028 0.070 21.05 52.63 5.67 

DIAION SK1B 0.035 0.070 26.31 52.63 4.70 

DIAION PK216 0.038 0.059 28.94 44.73 4.35 

Tulsion T-42 Na N-B1-TX 0.038 0.056 28.94 42.10 5.25 

Tulsion T-52 Na BCN-B1-TX 0.014 0.098 10.50 73.68 3.87 

LEWATIT monoPlus S 108 H 0.021 0.087 15.70 65.78 4.18 

KMI Zeolite 0.031 0.042 23.68 31.75 6.94 

First group: Initial NH3−N (mg/L) = 8 mg/L - Initial pH = 5.2 at 7.7 oC 

Dowex 50Wx8 0.227 0.269 81.25 96.25 1.99 

Purolite MN500 0.154 0.203 55.00 72.50 2.11 

Purolite C104Plus 0.143 0.042 51.25 15.00 2.85 

Purolite C100H 0.143 0.241 51.25 86.25 2.05 

Zeolite NM-Ca 0.112 0.161 40.00 57.50 6.06 

Zeolite NV-Na 0.122 0.171 43.75 61.25 6.71 

*Concentration of ammonia as N in the Purolite C104Plus test sample increased after 7 hr. 

 



 

 20 

2.9.2 Advanced Tests 

A more detailed study of the six selected adsorbents (Dowex, LEWATIT, AZLB-Na zeolite, 

NV-NA, DIAION PK216 and DIAION SK1B) was conducted over a three-hour period with 

samples collected as same as in the illustrated procedure. As shown in Figures 2.1-2.3, the 

starting concentration was also plotted as mg/g to keep the plots on a reasonable scale for 

comparison although no adsorbent was present for the time zero sample. Dowex 50Wx8 50-

100 and LEWATIT Monoplus S 108 H resins exhibited the fastest responses by removing 99.4 

and 96.2% of the ammonia from synthetic wastewater, respectively, within 5 minutes. By 10 

minutes, 100% of the ammonia has been removed by both the Dowex and LEWATIT resins. 

By contrast, AZLB-Na zeolite, NV-NA zeolite, DIAION PK216 and DIAION SK1B removed 

only 88.7, 63.0, 56.1, and 55.1 % ammonia, respectively, within the same 5-minute period. 

NV-NA zeolite and PK216 required ~180 minutes for 100 % adsorption, while AZLB-Na 

zeolite and SK1B only attained only 98.1 and 97.5 % adsorption, respectively, by 180 minutes. 

Ammonia removal of the AZLB-Na and NV-NA zeolites decrease with contact time even 

though those have the fast removal at initial because of decreasing concentration gradient and 

adsorption sites (Karadag, et al., 2008; Huang et al., 2017). The effect of the ion-exchange 

resins on the solution pH was markedly different from that of the zeolite.  

After being in contact with Dowex and LEWATIT for 10 and 5 minutes, respectively, the pH 

of the test solutions decreased from an initial value of 7.0 to 2.95 and 3.17, respectively. The 

pH increased from 7.0 to final stable values of 8.26 in the case of AZLB-Na and 7.96 for NV-

Na by the end of 60 minutes, whereas it decreased to 6.06 for the SK1B. PK216 reached pH 

stability at 120 minutes decreasing from 7.00 to a final pH of 6.04. The reason is related to 
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compositions of the both resins and zeolites since H+ is released by the ion exchange reaction, 

whereas adsorption by zeolite does not. These same experiments were conducted using the real 

water at initial ammonia concentration 22.7 mg/L NH3−N using 3 g of each adsorbents. 

As shown in Figures 2.4-2.6, the same procedure of the advanced tests was used to adsorb 

ammonia from real wastewater at 22.7 mg/L using 1.5 g of the NV-Na and DIAION PK216.  

Comparing with the results in Figures 2.1 & 2.2, the results showed that 1.5 g of the mentioned 

adsorbents was not sufficient to adsorb all ammonia present by the end of 180 minutes due to 

its concentration in the real water. Also, presence of the cations (Ca2+, Cd2+, K+, Na+, Mg2+, 

and Zn2+) and components (NO3
−, PO4

3−
, and SO4

2−) in real wastewater reduce ammonia removal 

percentage of the adsorbents (Wang et al., 2006; Marañón et al., 2006) while those mentioned 

substances are not exist in synthetic wastewater. 

As can be observed in Figures 2.7-2.9, the Dowex 50WX8 50-100 and LEWATIT S 108 H 

Monoplus resins once again most readily adsorbed ammonia with 94.9 and 89.4 % removal 

within 5 minutes compared to 85.3, 84.9, 83.6, and 78.0 for DIAION SK1B, AZLB-Na zeolite, 

DIAION PK216 and NV-NA zeolite, respectively. None of the resins or zeolites adsorbed 

100% of the ammonia by 180 minutes presumably due to an insufficient amount present 

although competition due to adsorption of other species in the wastewater could also 

contribute. The maximum adsorption levels of 94.9, 95.9, 96.0, 95.0, 91.3, and 90.9% were 

reached within 5, 30, 120, 180, 30 and 120 min for Dowex, LEWATIT, AZLB-Na, NV-Na, 

PK216, and SK1B, respectively. After contact with Dowex for 5 minutes and LEWATIT for 

20 minutes, the pH of the solutions decreased from an initial value of 7.68 to 1.97 and 1.99, 

respectively. The pH increased from an initial value of 7.85 to a stable value of 8.03 by 30 

https://www.sciencedirect.com/science/article/pii/S0304389406004031#!
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minutes in the case of AZLB-Na and to 7.98 by 120 minutes in the case of NV-Na. The pH 

after contact with PK216 and SK1B was still increasing by the end of the 180-minute 

experiment and had reached 7.21 and 7.15, respectively, after initially decreasing to lows of 

6.6 and 6.69 after 5 minutes from a starting pH of 7.68. The results demonstrate that the 

ammonia adsorption capacity was most efficient in the case of the Dowex and LEWATIT 

resins, least efficient for the two DIAION resins and intermediate for the zeolites. In all cases, 

the adsorbents reached equilibrium with the real wastewater before all ammonia was absorbed 

unlike the situation with the spiked DI water. In addition to inadequate adsorbent mass, other 

species in the real water could have adsorbed more easily to the DIAION resins. 

2.9.3 Kinetics and Isotherms 

Based on the results of the advanced tests, the kinetics and isotherms for adsorption of 

ammonia onto the various adsorbents in both synthetic and real wastewater were quantitatively 

analyzed. Figure 2.10 showed the plots according to the Langmuir and Freundlich isotherms 

different adsorbent masses (1, 2 and 3 g) and initial ammonia concentrations in the real 

wastewater (3.8, 8 and 22.7 mg/L). The isotherm constants calculated from the slopes and 

intercepts according to Equations 2.4 & 2.7 are listed in Table 2.4. The 𝑅𝐿values for ammonia 

adsorption using the four different adsorbents in this study all fell in the range of 0 – 1 and n 

values are larger than 1.0, therefore; the process was a favorable adsorption using all selected 

adsorbents. Also, the results showed that the Dowex resin was best characterized by the 

Langmuir isotherm which is the same result of Jorgensen and Weatherley (2003) while 

LEWATIT, AZLB-Na and NV-Na zeolite were by Freundlich one. Figures 2.11 & 2.12 show 

plots according to the pseudo-1st and 2nd-order kinetics using 1.5 and 3 g of the adsorbent in 
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synthetic and real wastewater, respectively. The kinetic parameters obtained from the slopes 

and intercepts based on Equations 2.11 & 2.14 are presented in Table 2.5. A comparison of the 

fits for the two different rate laws clearly shows that adsorption of ammonia onto all adsorbents 

in both solutions follows pseudo-2nd order very well and much better than it does pseudo-1st 

order, as quantified by the RMSE values. Those results were agreed by other researchers using 

zeolites and resins in ammonia adsorption (Bashir et al., 2010; Widiastuti et al., 2011; Zhang 

et al., 2011; Huo et al., 2012; Guaya et al., 2015).  

 

 

 

 

 

 

 

 

 

Figure 2.1: Adsorption capacities in synthetic wastewater using 1.5 g of each adsorbent. 
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Figure 2.2: Percentage of the ammonia removal from synthetic wastewater using 1.5 g of each adsorbent.. 

 

 

 

 

 

 

 

 

Figure 2.3: pH of synthetic wastewater using 1.5 g of each adsorbent. 
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Figure 2.4: Adsorption capacities in real wastewater using 1.5 g of NV-Na and DIAION PK216. 

 

 

 

 

 

 

 

 

Figure 2.5: Percentage of the ammonia removal from synthetic wastewater using 1.5 g of each NV-Na & 

DIAION PK216. 
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Figure 2.6: pH of real wastewater using 1.5 g of each NV-Na & DIAION PK216. 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 2.7: Adsorption capacities in real wastewater using 3 g of each adsorbent. 
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Figure 2.8: Percentage of the ammonia removal from real wastewater using 3 g of each adsorbent. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 2.9: pH of real wastewater using 3 g of each adsorbent. 
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Figure 2.10: Langmuir & Freundlich isotherms for the selected adsorbents in real wastewater. 
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Figure 2.11: Pseudo-1st and pseudo-2nd order kinetics of synthetic wastewater using 1.5 g of each adsorbent. 

 

0 20 40 60 80 100 120 140 160 180
0

0.1

0.2

0.3

0.4

0.5

0.6

0.7

0.8

0.9

min

q
t (

m
g
/g

)

LEWATIT

 

 

Experimental

Pseudo-1st order

Pseudo-2nd order

0 20 40 60 80 100 120 140 160 180
0

0.1

0.2

0.3

0.4

0.5

0.6

0.7

0.8

0.9

min

q
t (

m
g
/g

)

NV-Na

 

 

Experimental

Pseudo-1st order

Pseudo-2nd order



 

 32 

 

 

 

 

 

 

 

 

 

 

 

 

 

(a) 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

(b) 

 

 

 

0 20 40 60 80 100 120 140 160 180
0

0.1

0.2

0.3

0.4

0.5

0.6

0.7

0.8

min

q
t (

m
g
/g

)

Dowex

 

 

Experimental

Pseudo-1st order

Pseudo-2nd order

0 20 40 60 80 100 120 140 160 180
0

0.1

0.2

0.3

0.4

0.5

0.6

0.7

0.8

0.9

1

min

q
t (

m
g
/g

)

AZLB-Na

 

 

Experimental

Pseudo-1st order

Pseudo-2nd order



 

 33 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

(c) 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

(d) 

Figure 2.12: Pseudo-1st and pseudo-2nd order kinetics of real wastewater using 3 g of each adsorbent. 
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Table 2.4: Constants of the Langmuir and Freundlich isotherms of the selected adsorbents. 

 

Adsorbent 

Langmuir Freundlich 

𝑞𝑚𝑎𝑥 

mg/g 

𝑘𝐿 

L/mg 

RMSE 

mg/g 

𝑅𝐿 𝑛 𝑘𝑓   

((mg/g).(L/mg)1/n) 

RMSE 

mg/g 

Dowex 1.815 0.283 0.217 0.134 2.873 0.512 0.306 

AZLB-Na 1.201 0.794 0.180 0.052 2.657 0.452 0.134 

LEWATIT 1.774 0.284 0.272 0.134 2.378 0.465 0.227 

NV-Na 1.137 0.726 0.218 0.056 3.530 0.505 0.137 

 

 

Table 2.5: Constants of the pseudo-1st- and pseudo-2nd order kinetic equations of synthetic /real wastewater for 

selected adsorbents. 

 

Adsorbent 

 

𝑞𝑒 

mg/g 

Pseudo-first order equation Pseudo-second order equation 

𝑞𝑒𝑡ℎ 

mg/g 

𝑘1 

1/min 

RMSE 

mg/g 

𝑞𝑒𝑡ℎ 

mg/g 

𝑘2 

g/mg.min 

RMSE 

mg/g 

Synthetic wastewater using 1.5 g of the adsorbent at initial concentration 10.4 mg/L NH3−N. 

Dowex 0.832 0.645 0.879 0.214 0.832 32.32 0.133 

AZLB-Na 0.808 0.933 0.068 0.202 0.812 1.299 0.014 

LEWATIT 0.832 0.731 0.545 0.221 0.832 9.585 0.086 

NV-Na 0.832 0.435 0.068 0.352 0.845 0.495 0.092 

Real wastewater using 3 g of the adsorbent at initial concentration 22.7 mg/L NH3−N. 

Dowex 0.772 0.404 1.052 0.308 0.772 114.49 0.003 

AZLB-Na 0.800 0.049 0.951 0.166 0.817 0.355 0.008 

LEWATIT 0.728 0.659 0.381 0.147 0.730 3.365 0.070 

NV-Na 0.772 0.477 0.026 0.291 0.807 0.135 0.014 

 

 

 



 

 35 

2.10 Conclusions 

The following conclusions can be drawn about the use of these adsorbents to remove ammonia 

from synthetic/real wastewaters: 

1. The ion exchange resin adsorbents had a range of adsorption efficiencies but at least two 

of acidic resins, Dowex and Purolite C100H were very effective under the wastewater 

conditions, at 95 and 90% adsorption efficiency, respectively.  

2. The adsorption kinetics were very fast for the acidic resins (approximately 10 minutes) and 

relatively slower (120 to 180 min) for the neutral or basic zeolites.   

3. According to the RMSE values of the isotherms and kinetics, the adsorption process of 

Dowex follows the Langmuir isotherm, based on monolayer adsorption. However the 

AZLB-Na, LEWATIT and NV-Na followed the Freundlich isotherm, based on multilayer 

adsorption. Regarding the kinetics, all selected adsorbents could be characterized using the 

pseudo-2nd order kinetic equation.  

4. For target concentrations of 1 mg/L ammonia or less, the studied adsorbents have an 

equilibrium capacity on the order of approximately 0.2 to 0.4 mg/g. 
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Chapter 3: 

Continuous Adsorption Using LEWATIT 

3.1 Introduction 

Wastewater from industrial discharges contains heavy metals, organic substances, and 

suspended liquid and solids at unacceptable levels causing many environmental and potential 

-health risks to the public life (Alwan et al., 2010; Alwan & Mehdi, 2010). The increasing 

ammonia level in wastewater (see Table 3.1) resulting from industrial activities has become a 

critical issue due to harmful effects such as the higher toxicity of the aquatic environment and 

more extensive corrosion of soil especially ammonia is a main source of the nitrate and nitrate 

(Batley, & Simpson, 2009; EPA 2013). Ion exchange and adsorption have become two options 

for the treatment of this type of wastewater (Foo & Hameed, 2009; Bashir et al., 2010). Such 

an approach has many advantages such as high treatment loading and removal efficiency, fast 

kinetics and low cost (Widiastuti et al., 2011; Gupta et al., 2015; Huang et al., 2017). Many 

other techniques have been used in the past for ammonia removal, e.g., air stripping, 

biodegradation, catalytic oxidation, cationic ion-exchange and membrane separation. For this, 

we have chosen batch and continuous (in a fixed-bed column) adsorption using a LEWATIT 

resin to remove ammonia from real water because it is easy to maintain and operate, 

inexpensive relative to air stripping and appropriate for a cold environment unlike 

biodegradation. Breakthrough studies of different adsorption processes have been conducted 

by many researchers, e.g., nickel adsorption using bentonite clay (Vieira et al., 2009), 

biosorption of cadmium and copper using wheat straw (Muhamad et al., 2010), salicylic acid 

and carbamazepine removal from aqueous solution using synthetic zeolites (Cabrera-Lafaurie 
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et al., 2014), cadmium, copper, lead and zinc from synthetic wastewater using a biosorbent 

combining of maple leaves, mandarin peel, and tea waste (Abdolali et al., 2017), amoxicillin 

from water using activated carbon (de Franco et al., 2017) and levulinic acid from aqueous 

solution (Lin et al., 2017) using SY-01 resin. In this research, we investigated the novel use of 

a LEWATIT resin to remove 22.7 mg/L NH3−N from real water. In particular, the Langmuir 

and Freundlich models were fit to equilibrium data obtained from batch experiments to obtain 

parameters used to predict breakthrough curve and compare with the predictions of a fixed-

bed column obtained using the Bohart & Adams and Thomas models.  

 

3.2 Real Wastewater and LEWATIT Resin 

A real of 40-L wastewater was delivered from a Canadian company located in the north, stored 

in a cold room at 4 oC to prevent ammonia degradation due to bacteria activity and then used 

in the laboratory at 22.5 oC for adsorption experiments. Depending on the provided data from 

industry, Table 3.1 shows the full composition of the wastewaters. As in Table 3.2, LEWATIT 

Lanxess Monoplus S108 H used in this study is strongly acidic resin based on a styrene-

divinylbenzene copolymer matrix and originally in the H+ form (Huang et al., 2014). 

Commercially, it consists of an organic polymer cross-linked backbone with different 

functional groups such as sulfonic acids, quaternary amino groups, carboxylic acid groups, or 

primary, secondary, and tertiary amino groups. Also, it can be modified to exchange cations or 

anions in water based on the application (Malovanyy et al., 2014; Sica et al., 2014).  
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Table 3.1: A full composition analysis of the real wastewater used. 

Element Ag Al As Cd Cr Hg 

Concentration (ppb)* 0.051 180.4 19.23 0.686 14.24 <0.005 

Element Mn Mo Pb Se Tl Zn 

Concentration (ppb) 181.7 24.91 1.598 8.224 0.009 53.53 

Element B Ba Be Bi Br Ca 

Concentration (mg/L) 0.139 0.076 <0.001 <0.014 3.52 272.2 

Element Cl Co Cu F Fe K 

Concentration (mg/L) 451.1 0.012 0.038 <0.20 0.361 69.57 

Element Li Mg Na Ni P S 

Concentration (mg/L) 0.019 14.75 146.7 0.648 0.018 163.4 

Element Sb Si Sn SS Te Ti 

Concentration (mg/L) <0.003 4.941 <0.005 6.8 <0.028 <0.005 

Element V Zr  

Concentration (mg/L) <0.004 <0.003 

Component  NH3 NO2 NO3 PO4 SO4 pH = 8.3 

Concentration (mg/L) 22.6 12.1667 132.2 <2.00 499.5 

* ppb: part per billion. 

Table 3.2: Some physical and chemical properties of the LEWATIT.  

 

3.3 Adsorption Analysis 

For the adsorption experiments on real wastewater, analysis was conducted using high-range 

Hach kits for ammonia (Ammonia HR TNT, Hach Company/Hach Lange GmbH, USA) to mix 

with ammonia samples using the manufacturer’s procedure provided for the kits, a pH meter 

(JENCO Electronics LTD, Model 1671) to measure the pH of the wastewater before and after 

Mean bead size 0.6 ± 0.05 mm Operating pH 0 − 14 

Density 1.26 g/mL Operating Temperature Max. 120 oC 

Total capacity 2.2 eq/L Regenerant HCl, H2SO4, NaCl 
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adding LEWATIT, and an UV-vis spectrophotometer (HP8452A diode array) to determine the 

ammonia concentration as nitrogen (NH3−N). The manufacturer’s procedure is as follows: A 

0.1- mL sample containing ammonia was combined in the test vials with a hypochlorite 

solution to form mono-chloramine and then a salicylate reagent was added to form 5-

aminosalicylate, which is yellow, and then a sodium nitroprusside agent to form a blue-

coloured complex. The blue colour is masked by the yellow coloured 5-aminosalicylate, which 

is in excess, and the resulting colour is green. After 20 min, the absorbance is ready to be 

measured by a spectrophotometer at 655 nm wavelength and quantified using a pre-set 

instrument program method (343 N, Ammonia HR TNT). 

 

3.4 Isotherms 

The adsorption equilibrium was assessed using Langmuir and Freundlich isotherms, which 

have been applied previously by numerous researchers. A series of experiments was conducted 

using different adsorbent masses (0.5, 1, 2, 3, 6 and 9 g) in 0.12 L wastewater at an initial 

ammonia concentration of 22.7 mg/L NH3−N. The adsorption capacity of ammonia at 

equilibrium can be defined as follows:   

𝑞𝑒 =
(𝐶𝑜−𝐶𝑒) 𝑉

𝑚
                                                                                                                        (3.1) 

where  𝐶𝑜 and 𝐶𝑒 are the NH3−N concentrations at 𝑡 = 0 and equilibrium, respectively, 𝑚 is 

the mass of the adsorbent (g) and 𝑉 is volume of the adsorbate (L). The equation for the 

Langmuir isotherm is (Langmuir, 1918): 
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𝑞𝑒 =
 𝑞𝑚𝑎𝑥𝑘𝐿𝐶𝑒

 1+𝑘𝐿𝐶𝑒
                                                                                                                        (3.2) 

where 𝑞𝑚𝑎𝑥 is the maximum adsorption capacity (mg/g) and 𝑘𝐿 is the Langmuir equilibrium 

constant of the free energy of adsorption (L/mg). If adsorption follows Langmuir behavior, the 

essential characteristics of the Langmuir isotherm can be explained in terms of the 

dimensionless equilibrium parameter 𝑅𝐿: 

𝑅𝐿 =
1

1+𝐾𝐿𝐶𝑜
                                                                                                                          (3.3) 

The dimensionless separation factor 𝑅𝐿 value denotes the adsorption type as follow: 

irreversible (𝑅𝐿 = 0), linear (𝑅𝐿 = 1), favorable (0 < 𝑅𝐿 < 1) and unfavorable (𝑅𝐿 > 1) (Weber 

& Chakravorti, 1974). 

The Freundlich isotherm is given by the relationship as follows (Freundlich, 1906): 

𝑞𝑒 = 𝑘𝑓𝐶𝑒
1
𝑛⁄                                                                                                                            (3.4) 

where 𝑘𝑓 is the Freundlich constant for adsorption ((mg/g).(L/mg)1/n) and 𝑛 is the 

dimensionless Freundlich constant.  

 

3.5 Relationship Between Isotherms and Breakthrough Curve 

Based on constants obtained from Langmuir and Freundlich isotherms, breakthrough curves 

can be predicted using the following expressions derived by Chern and Chien (2002): 

Langmuir:  𝑡 = 𝑡0.5 +
𝜌𝑞𝑚𝑎𝑥 

𝜀𝑘𝐿𝑎𝐶𝑜
[ln 2(𝐶𝑡 𝐶𝑜⁄ ) +

1

1+𝑘𝐿𝐶𝑜
ln

1

2(1−(𝐶𝑡 𝐶𝑜⁄ ))
]                                                       (3.5) 
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Freundlich:     𝑡 = 𝑡0.5 +
𝜌𝑘𝑓𝐶𝑜

𝑛−1 

𝜀𝑘𝐿𝑎
[∫

1

(𝐶𝑡 𝐶𝑜⁄ )−(𝐶𝑡 𝐶𝑜⁄ )1 𝑛⁄
𝑑(𝐶𝑡 𝐶𝑜⁄ )

1

0.5
]    for 𝐶𝑡 𝐶𝑜⁄  ≥ 0.5             (3.6) 

                       𝑡 = 𝑡0.5 +
𝜌𝑘𝑓𝐶𝑜

𝑛−1 

𝜀𝑘𝐿𝑎
[∫

1

(𝐶𝑡 𝐶𝑜⁄ )−(𝐶𝑡 𝐶𝑜⁄ )1 𝑛⁄
𝑑(𝐶𝑡 𝐶𝑜⁄ )

0

0.5
]  for 𝐶𝑡 𝐶𝑜⁄  ≤ 0.5         (3.7) 

where 𝐶𝑡 is the NH3−N concentration (mg/L) in wastewater at time 𝑡, 𝑘𝐿𝑎 is the volumetric 

mass transfer coefficient (1/min), 𝑡0.5 is the time when 𝐶𝑡 𝐶𝑜⁄ = 0.5, 𝜌 is the density of the 

wastewater (mg/cm3) and 𝜀 is the porosity of the column. 

By finding a volumetric mass transfer coefficient as Equation 3.8 (Chern & Chien, 2002; 

Kananpanah et al., 2009), it will be easy to predict a breakthrough curve in a fixed-bed column 

using Equation 3.5 for Langmuir isotherm and Equations 3.6 (when 𝐶𝑡 𝐶𝑜⁄  is between 0-0.5) 

& 3.7 (when 𝐶𝑡 𝐶𝑜⁄  is between 0.5-1) for Freundlich isotherm with ascending and descending 

intervals of 𝐶𝑡 𝐶𝑜⁄  respectively. 

(
𝑑(𝐶𝑡 𝐶𝑜⁄ )

𝑑𝑡
)
0.5
=

𝜀𝑘𝐿𝑎 

𝜌𝑘𝑓𝐶𝑜
𝑛−1 ((𝐶𝑡 𝐶𝑜⁄ ) − (𝐶𝑡 𝐶𝑜⁄ )1 𝑛⁄ )                                                                 (3.8) 

 

3.6 Fixed-Bed Column 

Two different-sized columns were used for the continuous adsorption experiments. The small 

column shown in Figure A.3 (right) was made from a piece of glass tubing (10-mm inner 

diameter × 330-mm length) sealed at one end with a piece of 5 μm Whatman filter. A series of 

experiments was conducted by passing wastewater through this column loaded with different 

masses of LEWATIT resin (3, 6, and 9 g) until ammonia breakthrough curve was observed. 

Once the appropriate amount of LEWATIT was added into the column, the height of the fixed-

bed was measured. Real wastewater was then introduced into the top of the column and a timer 
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was immediately started. Samples of the wastewater in the discharge from the column were 

collected and the NH3−N concentration measured using a Hach kit. This procedure was 

repeated before and after observing the breakthrough curve. The total volumes of wastewater 

passed through the column were 0.3, 0.6 and 0.96 L for a 3, 6, 9-g LEWATIT resin 

respectively. The large column (Ace chromatography column) was made of a 25-mm inner 

diameter × 600-mm long piece of glass tubing with taped threaded glass ends and threaded 

teflon endcaps, as shown in Figure A.3 (left). Appropriate plastic tubing (1/4’’ and 1/8” ID) 

was connected to an adjustable-headed peristaltic pump (Stunner pumps) with duct tape to pass 

wastewater into the column at operating range of 0.0057-0.1051 L/min as shown in Figure A.4. 

The column contained a mass of 131.4 g LEWATIT to get to a sufficient height in the column, 

while the wastewater was delivered at rate of 0.0385 L/min through the column until ammonia 

breakthrough curve was observed. The experiments in the large column were conducted as 

follows: the desirable LEWATIT mass was weighed and then added into the column with 

measuring the bed depth to be used in the Bohart-Adams model. A peristaltic pump was 

connected to the column top with the appropriate tubing as mentioned above and the speed was 

adjusted to be ~ 0.0385 L/min. DI water was first passed into the column to remove any 

LEWATIT attached to the column wall, ensure the whole mass filled the column and the height 

of the water to be 2 cm above the LEWATIT resin before introducing wastewater. The bottom 

valve was adjusted so that the column discharged solution at the same rate as it was introduced 

into the top of the column. A 1-L beaker was located under the bottom valve to collect the 

samples until breakthrough was reached. 
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3.7 Breakthrough Curve Analysis  

3.7.1 Models 

The Bohart-Adams and Thomas models were used to describe the behavior of continuous 

ammonia adsorption in a fixed-bed column using LEWATIT for comparison with our 

experimental data (Bohart and Adams, 1920; Thomas, 1944). According to the Bohart-Adams 

model, the NH3−N concentration in the discharge from the column is given by the following 

expression: 

𝐶𝑡

𝐶𝑜
=

1

1+𝑒𝑥𝑝(
−𝑘𝐵𝐴𝑁𝑜𝑍

𝜐
+𝑘𝐵𝐴𝐶𝑜𝑡)

                                                                                                   (3.9) 

𝑙𝑛 (
𝐶𝑜

𝐶𝑡
− 1) =

−𝑘𝐵𝐴𝑁𝑜𝑍

𝜐
+ 𝑘𝐵𝐴𝐶𝑜𝑡                                                                                        (3.10) 

where 𝑘𝐴𝐵 is the Bohart-Adams rate constant (L/mg-min), 𝑁𝑜 is the saturation concentration 

(mg/L), 𝜐 is the linear velocity of wastewater (cm/min) and 𝑍 is the bed depth (cm). Based on 

Equation 3.10, a plot of 𝑙𝑛 (
𝐶𝑜

𝐶𝑡
− 1) versus 𝑡 should be linear and 𝑘𝐵𝐴 and 𝑁𝑜 can be determined 

by applying 
𝑠𝑙𝑜𝑝𝑒

𝐶𝑜
⁄  and  

𝑖𝑛𝑡𝑒𝑟𝑐𝑒𝑝𝑡 𝜐
𝑘𝐴𝐵 𝑍
⁄ , respectively. The corresponding relations 

based on the Thomas models are: 

𝐶𝑡

𝐶𝑜
=

1

1+𝑒𝑥𝑝(
𝑘𝑇ℎ𝑞𝑚𝑎𝑥𝑚

𝑄
−𝑘𝑇ℎ𝐶𝑜𝑡)

                                                                                               (3.11) 

𝑙𝑛 (
𝐶𝑜

𝐶𝑡
− 1) =

𝑘𝑇ℎ𝑞𝑚𝑎𝑥𝑚

𝑄
− 𝑘𝑇ℎ𝐶𝑜𝑡                                                                            (3.12) 

where 𝑘𝑇ℎ is the Thomas rate constant (L/mg.min), 𝑞𝑚𝑎𝑥 is the maximum concentration (mg/g) 

and 𝑄 is the volumetric flow rate of wastewater (L/min). Based on Equation 3.12, this model 

also predicts that a plot of 𝑙𝑛 (
𝐶𝑜

𝐶𝑡
− 1) versus 𝑡 should be linear and that the model parameters 
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𝑘𝑇ℎ and 𝑞𝑚𝑎𝑥 can be determined from 
𝑠𝑙𝑜𝑝𝑒

𝐶𝑜
⁄  and  

𝑖𝑛𝑡𝑒𝑟𝑐𝑒𝑝𝑡 𝑄
𝑘𝑇ℎ 𝑚
⁄ , respectively.  

3.7.2 Experimental Design 

To study the effect of operating variables (mass of LEWATIT, bed depth and flowrate) on the 

discharge concentration and breakthrough curves, the following equations were used 

(Bertagnolli et al., 2011; Sotelo et al., 2013; de Franco et al., 2017): 

𝑞𝑏 =
𝐶𝑜𝑄

 𝑚
∫ (1 −

𝐶𝑏

𝐶𝑜
)  𝑑𝑡

𝑡𝑏
0

                                                                                                   (3.13) 

𝑞𝑠 =
𝐶𝑜𝑄

 𝑚
∫ (1 −

𝐶𝑠

𝐶𝑜
)  𝑑𝑡

𝑡𝑠

0
                                                                                                    (3.14) 

where 𝐶𝑏 and 𝐶𝑠 are the NH3−N concentrations in wastewater (mg/L) at breakthrough (0.05𝐶𝑜) 

and saturation (0.95𝐶𝑜), respectively, 𝑞𝑏 and 𝑞𝑠 are the adsorption capacities at breakthrough 

and saturation (mg/g), respectively, and 𝑡𝑏 and 𝑡𝑠 are the times (min) required for breakthrough 

and saturation, respectively, to be reached. The fractional bed utilization FBU is the ratio 

between the ammonia capacity at breakthrough to the ammonia capacity at saturation, i.e., 

𝐹𝐵𝑈 =  
𝑞𝑏

𝑞𝑠
                                                                                                                            (3.15) 

The adsorption efficiency 𝐴𝐸 % is the ratio between the mass 𝑚𝑎𝑑𝑠 of adsorbed ammonia to 

the inlet mass 𝑚𝑡𝑜𝑡𝑎𝑙 of ammonia fed to the column expressed as a percentage (Goshadrou & 

Moheb, 2011): 

𝐴𝐸% = 
𝑚𝑎𝑑𝑠

𝑚𝑡𝑜𝑡𝑎𝑙
 × 100                                                                                                         (3.16) 

𝑚𝑎𝑑𝑠 and 𝑚𝑡𝑜𝑡𝑎𝑙 are calculated from Equations 3.17 & 3.18 as follows: 
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𝑚𝑎𝑑𝑠 = 𝑄𝐶𝑜 ∫ (1 −
𝐶𝑠

𝐶𝑜
)  𝑑𝑡

𝑡𝑠

0
                                                                                              (3.17) 

𝑚𝑡𝑜𝑡𝑎𝑙 = 𝑄𝐶𝑜𝑡𝑠                                                                                                                   (3.18) 

The mass transfer zone MTZ can be calculated as follows (Vieira et al., 2009, Bertagnolli et 

al., 2011): 

𝑀𝑇𝑍 = (1 −
𝑞𝑏

𝑞𝑠
)𝑍                                                                                                                (3.19) 

In adsorption columns tests, data obtained from the laboratory can be used to determine service 

times for scaling up to the pilot plant. Many mathematical models have been developed but the 

following one obtained from the linearized Bohart and Adams model has been widely used 

(Hutchins, 1973) and is applied in this study to calculate the service time 𝑡:  

𝑡 =  
𝑁𝑜

𝐶𝑜𝜐
𝑍 −

1

𝐶𝑜𝑘𝐵𝐴 
ln (

𝐶𝑜

𝐶𝑏
− 1)                                                                                           (3.20) 

𝑡 = 𝑎𝑍 − 𝑏                                                                                                                         (3.21) 

𝑎 =
𝑁𝑜

𝐶𝑜𝜐
                                                                                                                               (3.22) 

𝑏 =
1

𝐶𝑜𝑘𝐵𝐴 
ln (

𝐶𝑜

𝐶𝑏
− 1)                                                                                                           (3.23) 

where 𝑎 and 𝑏 are the slope and intercept of the linearized Bohart-Adam model, respectively. 

Using the bed depth service time (BDST) technique, three laboratory adsorption column tests 

are enough to design an adsorption column on an industrial scale by determining the Bohart-

Adams model constants and the initial concentration of the adsorbate. In this technique, three 

different bed depths at minimum should be used to obtain three service times 
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(breakthrough/saturation times) experimentally at an inlet adsorbate concentration 𝐶𝑙𝑎𝑏. Then, 

a plot of service time versus bed depth can be made and the parameters 𝑎𝑙𝑎𝑏 and 𝑏𝑙𝑎𝑏 

determined from the slope and intercept, respectively, as per Equation 3.24. The corresponding 

parameters 𝑎𝑝𝑙𝑎𝑛𝑡 and 𝑏𝑝𝑙𝑎𝑛𝑡 for the industrial scale column operating with an inlet adsorbate 

concentration 𝐶𝑝𝑙𝑎𝑛𝑡 can then be obtained using the relationships given in Equations 3.25 & 

3.26 (Maji et al., 2007). 

𝑡 = 𝑎𝑙𝑎𝑏𝑍 − 𝑏𝑙𝑎𝑏                                                                                                                 (3.24) 

𝑎𝑝𝑙𝑎𝑛𝑡 = 𝑎𝑙𝑎𝑏
𝐶𝑙𝑎𝑏

𝐶𝑝𝑙𝑎𝑛𝑡
                                                                                                             (3.25) 

𝑏𝑝𝑙𝑎𝑛𝑡 = 𝑏𝑙𝑎𝑏 (
𝐶𝑙𝑎𝑏

𝐶𝑝𝑙𝑎𝑛𝑡
)
ln(𝐶𝑝𝑙𝑎𝑛𝑡 𝐶𝑠−1⁄ )

ln(𝐶𝑙𝑎𝑏 𝐶𝑏−1⁄ )
                                                                                    (3.26) 

 

3.8 Desorption Process 

The efficiency of the desorption process depends on many factors such as concentration and 

flow rate of hydrochloric acid (HCl) and direction of the flow into a column (co-current or 

counter-current). Obviously, the LEWATIT resin must be regenerated after completion of the 

adsorption step. The following regeneration procedure was used. All wastewater was drained 

from the resin column before the regenerant HCl solution (5:100 w:v) was introduced. This 

solution was passed through the column at an 8-pump setting (~ 0.0829 L/min) (superficial 

velocity ≈ 34.0 cm/min) in the co-current flow direction as was the wastewater. Co-current 

operation was used since it was expected to lead to more effective regeneration of the 

LEWATIT resin based on the recommendation of the resin manufacturers. The mass 𝑚𝑑 
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desorbed by (5:100 w:v) HCl can be calculated from the area under the elution curve of the 

NH3−N concentration 𝐶𝑒𝑙 in the eluent versus time as follows (Sotelo et al., 2013): 

𝑚𝑑 = 𝑄∫ 𝐶𝑒𝑙𝑑𝑡
𝑡𝑒𝑙
𝑡𝑝

                                                                                                              (3.27) 

where 𝑄 is the volumetric flow rate, 𝐶𝑒𝑙 is the ammonia NH3−N concentration in elution 

solution, 𝑡𝑒𝑙 is the time for termination of the elution step and 𝑡𝑝 is the time to achieve 

maximum NH3−N concentration in elution solution.  

The elution efficiency 𝐷𝐸 % is the ratio between 𝑚𝑑 and 𝑚𝑎𝑑𝑠 expressed as a percentage: 

𝐷𝐸% = 
𝑚𝑑

𝑚𝑎𝑑𝑠
× 100                                                                                                           (3.28) 

Finally, the concentration factor CF is the ratio between the maximum NH3−N concentration 

𝐶𝑝 during the desorption step to the NH3−N concentration in the inlet to the adsorption step 

(Volesky et al., 2003; Sotelo et al., 2013): 

𝐶𝐹 =  
𝐶𝑝

𝐶𝑜
                                                                                                                               (3.29) 

For the desorption process, apparent desorption rate coefficient can be calculated as follows: 

𝑑(𝐶𝑒𝑙,𝑡 𝐶𝑒𝑙,𝑜⁄ )

𝑑𝑡
= −𝑘𝑑

′ 𝐶𝑒𝑙,𝑡                                                                                                              (3.30) 

By integration Equation 3.30 since 𝐶𝑒𝑙,𝑡 𝐶𝑒𝑙,𝑜⁄ = 1 at 𝑡 = 0, the first order rate model is 

expressed as (Sparks & Jardine, 1981): 

ln(𝐶𝑒𝑙,𝑡 𝐶𝑒𝑙,𝑜⁄ ) = −𝑘𝑑
′ 𝑡                                                                                                           (3.31) 
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where 𝐶𝑒𝑙,𝑜 and 𝐶𝑒𝑙,𝑡 are the NH3−N concentration in the elution solution at initial and time 

(mg/L) respectively and 𝑘𝑑
′  is the apparent desorption rate constant (1/min). In plotting 

ln(𝐶𝑒𝑙,𝑡 𝐶𝑒𝑙,𝑜⁄ ) vs. 𝑡, 𝑘𝑑
′ = −𝑠𝑙𝑜𝑝𝑒. 

 

3.9 Regression 

The models were fit to the experimental data by minimizing the root-mean-square error 

(RMSE) between the measured (𝐶𝑡 𝐶𝑜⁄ )𝑒𝑥𝑝,𝑖 and computed (𝐶𝑡 𝐶𝑜⁄ )𝑚𝑜𝑑,𝑖 values for each 

absorbent and the coefficient of determination (𝑅2)( Barrett, 1974), i.e.,  

𝑅𝑀𝑆𝐸 = √
1

𝑁−2
∑ ((𝐶𝑡 𝐶𝑜⁄ )𝑒𝑥𝑝,𝑖 − (𝐶𝑡 𝐶𝑜⁄ )𝑚𝑜𝑑,𝑖)

2𝑁
𝑖=1

2
                                                         (3.32) 

𝑅2 = 1 −
∑ (𝐶𝑡 𝐶𝑜⁄ )𝑒𝑥𝑝,𝑖−(𝐶𝑡 𝐶𝑜⁄ )𝑚𝑜𝑑,𝑖̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅𝑁
𝑖=1

∑ (𝐶𝑡 𝐶𝑜⁄ )𝑒𝑥𝑝,𝑖−(𝐶𝑡 𝐶𝑜⁄ )𝑚𝑜𝑑,𝑖
𝑁
𝑖=1

                                                                                     (3.33) 

where N is the number of samples collected and (𝐶𝑡 𝐶𝑜⁄ )𝑚𝑜𝑑,𝑖̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅  is the mean of the computed 

values. 

 

3.10 Results and Discussion 

3.10.1 Isotherms 

Isotherms were determined from adsorption experiments of ammonia onto the wastewater 

using LEWATIT. Figure 3.1 shows plots of 𝑞𝑒 versus 𝐶𝑒 obtained using 0.5, 1, 2, 3, 6 and 9 g 

LEWATIT in 0.12 L wastewater. For comparison, the computed isotherms according to the 

Langmuir and Freundlich models are also included. The fitted isotherm parameters obtained 
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for each model are listed in Table 3.3 using standard non-linear-regression Levenberg-

Marquardt technique (Levenberg, 1944; Marquardt, 1963). The results shown in Figure 3.1 

reveal very close agreement of the fitted models with each other and with the experimental 

values. Examination of the Langmuir and Freundlich parameters shows the adsorption to fall 

in the favorable category based on the RL value being less than 1.0 and the n value being larger 

than 1.0. The 𝑅𝐿value for ammonia adsorption using LEWATIT in this study falls in the range 

of 0 – 1. 

3.10.2 Fixed-Bed Column 

As shown in Figure 3.2 and Table 3.4, important aims of the small-column tests were to 

determine if breakthrough could be reached in a reasonable amount of time and how that might 

differ depending on the mass of LEWATIT adsorbent. The flow rate during the breakthrough 

experiments using the small column was observed to remain approximately stable at a 

calculated value of 0.0054 L/min (superficial velocity ≈ 6.8 cm/min) for all the LEWATIT 

masses (3, 6, and 9 g) used in this part of the study. the results of these continuous LEWATIT 

adsorption experiments demonstrated that breakthrough progressed rapidly. The bulk sample 

volume collected over the experiment increased from 0.345 to 0.53 to 0.96 to 1.54 to 2.1 L as 

the experiment progressed to speed up the breakthrough. According to the breakthrough results 

obtained in the large column containing 131.4 g LEWATIT, breakthrough and saturation 

occurred after approximately 247 and 334 min, respectively. The Bohart-Adams and Thomas 

model parameters were calculated using the intercepts and slope from Figure 3.2 and applying 

Equations 3.10 & 3.12. It can be observed in Table 3.4 that the rate constants according to both 

models agree with each other. Table 3.5 represents design values using parameters obtained 
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from Thomas and Bohart-Adams models. It can be observed that increasing the bed height is 

reverse to the volumetric mass transfer coefficient and proportional to the length of the mass 

transfer zone at constant the flowrate (Sotelo et al., 2012). 

Figure 3.3 shows a plot of the breakthrough time 𝑡𝑏 (when discharge NH3−N concentration 

reaches 0.05 𝐶𝑜) and saturation time 𝑡𝑠 (when discharge NH3−N concentration reaches 0.95 𝐶𝑜) 

versus the bed depth 𝑍 obtained from the experiments (𝑤ℎ𝑒𝑟𝑒 5 ≤ 𝑍 ≤ 15) in the small column. The 

best-fit linear relationships are as follows:  

𝑡𝑏 = 8.5𝑍 − 37.8                                                                                                                (3.34) 

𝑡𝑠 = 10.9𝑍 + 13.7                                                                                                               (3.35) 

With these values of 𝑎𝑙𝑎𝑏 and 𝑏𝑙𝑎𝑏 in Equations 3.22 & 3.23, the corresponding values 

of 𝑎𝑝𝑙𝑎𝑛𝑡 and 𝑏𝑝𝑙𝑎𝑛𝑡 can be calculated using Equations 3.25 & 3.26 for any flowrate and inlet 

ammonia concentrations to scale up to an industrial-scale operation (Sotelo et al., 2012). 

3.10.3 Desorption Process 

Elusion efficiency effects by many factors; percentage, and flowrate of the regenerate, contact 

time, surface area, type of the flow (co-current or counter current), and type of the regenerate 

(basic, acid or salt). A LEWATIT desorption is usually recommended using (4-6 wt%) HCl 

according to the manufacturer’s procedure of the LEWATIT and because of high selectivity 

for hydrogen ions (Malovanyy et al., 2013). Comparing to the other work, Malovanyy et al., 

2013 also used HCl to regenerate strong- and weak acidic cation resins. As shown in Figures 

4 & 5, at approximately 0.0835 L/min flow rate (superficial velocity ≈16.9 cm/min) of (5:100 

w/v) HCl was passed to regenerate LEWATIT in the large column and the mass desorbed was 
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calculated using Equation 30. This analysis showed the peak NH3−N concentration 𝐶𝑝 and  𝐶𝐹  

were found to be 596.4 mg/L and 26.27 respectively while the desorption efficiency was 50.4 

%. 𝑘𝑑
′  was 0.249 ± 0.123 1/min using linear fitting with 𝑅2 = 0.83. 

 

 

 

 

 

 

 

 

 

 

 

Figure 3.1: Comparison of the experimental isotherm with those fitted according to the Langmuir and 

Freundlich isotherms for adsorption of ammonia on 0.5, 1, 2, 3, 6 and 9 g LEWATIT in 0.12 L wastewater. 
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Figure 3.2: Breakthrough curves using both small and large columns. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 3.3: Bed depth versus breakthrough and saturation times using a small column. 
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Figure 3.4: Plot of the apparent desorption rate coefficient. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 3.5: Elution plot of LEWATIT. 
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Table 3.3: Fitted constants obtained for the Langmuir and Freundlich isotherms. 

Langmuir Freundlich 

𝑞𝑚𝑎𝑥 , mg/g 12.69  𝑘𝑓, ((mg/g).(L/mg)1/n) 0.14  

𝑘𝐿, L/mg 0.009  𝑛 1.11  

RMSE 0.059 RMSE 0.051 

𝑅2 0.983 𝑅2 0.987 

For Langmuir isotherm, 𝑅𝐿 = 0.82  

 

 

Table 3.4: Fitted constants with 95% confidence ranges obtained for the Thomas and Bohart-Adams models. 

Column 

type 

Bohart-Adams Thomas 

𝑘𝐵𝐴 

L/mg.min 

𝑁𝑜 

mg/L 

RMSE 𝑘𝑇ℎ 

L/mg.min 

𝑞𝑚𝑎𝑥  

mg/g 

RMSE 

3 g-Small 0.0049 ± 0.001 874.8 ± 0.21 0.188 0.0049 ± 0.001 1145.2 ± 0.12 0.188 

6 g-Small 0.0027 ± 0.005 683.3 ± 1.11 0.229 0.0027 ± 0.005 894.5 ± 2.4 0.229 

9 g-Small 0.0034 ± 0.002 526.2 ± 0.45 0.435 0.0034 ± 0.002 688.8 ± 1.2 0.435 

131.4 g-Large  0.0031 ± 0.003 316.5 ± 0.59 0.410 0.0031 ± 0.003 348.8 ± 20.9 0.410 

 

 

Table 3.5: Design parameters obtained for the Thomas and Bohart-Adams models. 

𝑄 

L/min 

𝑊 

g 

𝑍 

cm 

𝑘𝐿𝑎 

1/min 

𝑡𝑏 

min 

𝑡𝑠 

min 

𝑞𝑏 

mg/g 

𝑞𝑠 

mg/g 

𝐹𝐵𝑈 

 

𝐴𝐸 % 

 

MTZ 

cm 

0.0054 3 5 0.137 10.4 63.8 0.391 1.545 0.20 40 3.9 

0.0054 6 10 0.076 36.3 131.4 0.601 1.514 0.28 43 7.1 

0.0054 9 15 0.093 95.7 172.8 0.686 1.379 0.33 41 10.0 

0.0385 131.4 29.5 0.082 257.9 341.8 0.351 0.702 0.33 69 19.6 
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3.11 Conclusions 

Based on the experimental- and theoretical results obtained in this chapter, the following 

conclusions can be made:  

1. The batch process using LEWATIT behaves as Freundlich isotherm more than Langmuir 

one based on the RMSE and 𝑅2 values.  

2. Bohart-Adams and Thomas models satisfactorily fit the data with low RMSE value. 

3. Using HCl in a co-flow technique for regenerating LEWATIT shows acceptable 

desorption in brief time. 
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Chapter 4: 

Continuous Adsorption Using AZLB-Na 

4.1 Introduction 

Increasing ammonia concentrations in industrial wastewater effluents have become a critical 

issue resulting from industrial activities due to various harmful effects such as increasing 

toxicity of aquatic environment and corrosion rate of soil especially ammoina is a main source 

of the nitrate and nitrate. To reduce ammonia concentrations to more acceptable limits for 

discharging to the groundwater at 2 mg/L (NH3−N), adsorption process becomes one of the 

alternatives options for the treatment of this type of wastewater (Foo & Hameed, 2009). An 

adsorption process using resins/zeolites has some attractive features such as high treatment 

loading and removal efficiency, low cost and fast kinetics (Gupta et al., 2015). Also, it is easy 

to maintain and operate, relatively inexpensive (compared to air stripping), appropriate for a 

cold environment (unlike biological processes) and high selectivity to the ammonia ions. 

(Sreejalekshmi et al., 2009; Wang et al., 2014). An ammonia removal using resins/zeolites in 

the adsorption process has been studied by several researchers in past years. For example, 

Okuhara et al. (2007) used diverse types of Na-form zeolites to remove ammonia at low initial 

concentrations (2-10 ppm). Vassileva & Voikova (2009) investigated the use of natural and 

NaCl pretreated Bulgarian clinoptilolite for ammonium removal from aqueous solutions with 

ammonium concentrations ranging from 175 to 250 mg/L using batch studies under different 

conditions of adsorbent mass, initial ammonium concentration, pH, and temperature. Leyva-

Ramos at el. (2010) studied ion exchange of ammonium from aqueous solutions using 

chabazite, considering the effects of surface properties, pH, temperature and zeolite 
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modifications on exchange capacity. They concluded that pH has an active while temperature 

has slight effect on exchange capacity of the chabazite. In this work, our expansion on these 

studies is by using diverse types of the adsorbents (10 resins and 6 zeolites) for removing 

ammonia concentration as nitrogen at lower concentrations (3.8 – 8 mg/L) real industrial 

wastewater samples to determine the most effective ones Also, a continuous adsorption process 

was chosen for removing ammonia of 22.7 mg/L concentration from real industrial wastewater 

using Ace chromatography column loaded by an AZLB-Na zeolite. 

 

4.2 Real Wastewater  

Approximately 40 L of the wastewater was delivered from a Canadian company located in the 

north.  The water was stored in the cold room at 4 oC and used in laboratory at ambient 

conditions for subsequent adsorption experiments. 

 

4.3 Adsorbents 

Various resins and zeolites were assessed for their ability to remove ammonia from the 

wastewater as follows. The Na+ form cationic exchange resins were Diaion PK216, Diaion 

PK228, Diaion SK1B, Tulsion T-42 Na, and Tulsion T-52 Na and the H+ form cationic 

exchange resins were Dowex, LEWATIT MonoPlus S108H, Purolite MN500, Purolite C100H, 

and Purolite C104 Plus while the zeolites were Cliniptilolite NM-Ca, NV-Na, and NV-Na *TM 

Ammonia Specific and Bowie Chabazite AZLB-Na (see Table 4.1), AZLB-Ca and ZMI. All 

the zeolites were washed, filtered and oven-dried before use. The type and modification of the 
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zeolites as well as pH, and temperature effect on their capacity for removal ammonia from 

wastewater (Jha & Hayashi, 2009; Leyva-Ramos et al., 2010). 

Table 4.1: Some physical and chemical specifications of the AZLB-Na. 

Form Granules Color Reddish/Tan 

Crystal size < 1.0 micron Operating pH 3 − 14 

Density 1.73 g/cm3 Operating Temperature Max. 120 oC 

Capacity 2.5 Meq/q Regenerant NaOH 

 

4.4 Adsorption Analysis 

For the adsorption experiments on real wastewater, analysis was conducted using a pH meter 

(JENCO Electronics LTD, Model 1671) to measure the pH of the wastewater before and after 

adding AZLB-Na, high-range Hach kits for ammonia (Ammonia HR TNT, Hach 

Company/Hach Lange GmbH, USA) to mix with ammonia samples using the manufacturer’s 

procedure provided for the kits, and an UV-vis spectrophotometer (HP8452A diode array) to 

determine the ammonia concentration as nitrogen (NH3−N).  

 

4.5 Experimental Adsorption Tests 

Screening rests were performed as follow: 1.0 gram of each adsorbent was added to 35 mL of 

the real wastewater in each of the 40-mL amber vials. A 0.1- mL sample of the solution was 

collected immediately and analyzed for NH3−N and then the contents were left to stand for 7 

hours while being shaken multiple times by hand before a final sample was collected and 

analyzed NH3−N. The results in mg/L (NH3−N) adsorbent were compiled to determine the 

most efficient adsorbent before proceeding onto more detailed studies of the selected 



 

 59 

adsorbents. The adsorption capacity 𝑞𝑡 (mg/g) of ammonia at time 𝑡 can be calculated as 

follows:   

 𝑞𝑡 =
(𝐶0−𝐶𝑡) 𝑉

𝑚
                                                                                                                                  (4.1) 

where 𝐶𝑜 and 𝐶𝑡 are the ammonia concentrations (mg/L) (as nitrogen, i.e., NH3−N) of 

wastewater at 𝑡 = 0 and some later time 𝑡, respectively, 𝑚 is the mass of the adsorbent (g), 𝑞𝑡 

is the experimental adsorption capacity at time (mg/g) and 𝑉 is the volume of the adsorbate 

(L). 

 

4.6 Relationship Between Isotherms and Breakthrough Curve 

Based on constants obtained from Langmuir and Freundlich isotherms in a batch adsorption 

(From Chapter 2), breakthrough curves in a continuous adsorption can be predicted using the 

following expressions derived by Chern and Chien (2002): 

Langmuir:  𝑡 = 𝑡0.5 +
𝜌𝑞𝑚𝑎𝑥 

𝜀𝑘𝐿𝑎𝐶𝑜
[ln 2(𝐶𝑡 𝐶𝑜⁄ ) +

1

1+𝑘𝐿𝐶𝑜
ln

1

2(1−(𝐶𝑡 𝐶𝑜⁄ ))
]                                                       (4.2) 

Freundlich:     𝑡 = 𝑡0.5 +
𝜌𝑘𝑓𝐶𝑜

𝑛−1 

𝜀𝑘𝐿𝑎
[∫

1

(𝐶𝑡 𝐶𝑜⁄ )−(𝐶𝑡 𝐶𝑜⁄ )1 𝑛⁄
𝑑(𝐶𝑡 𝐶𝑜⁄ )

1

0.5
]    for 𝐶𝑡 𝐶𝑜⁄  ≥ 0.5             (4.3) 

                       𝑡 = 𝑡0.5 +
𝜌𝑘𝑓𝐶𝑜

𝑛−1 

𝜀𝑘𝐿𝑎
[∫

1

(𝐶𝑡 𝐶𝑜⁄ )−(𝐶𝑡 𝐶𝑜⁄ )1 𝑛⁄
𝑑(𝐶𝑡 𝐶𝑜⁄ )

0

0.5
]  for 𝐶𝑡 𝐶𝑜⁄  ≤ 0.5         (4.4) 

where 𝐶𝑡 is the NH3−N concentration (mg/L) in wastewater at time 𝑡, 𝑘𝐿𝑎 is the volumetric 

mass transfer coefficient (1/min), 𝑡0.5 is the time when 𝐶𝑡 𝐶𝑜⁄ = 0.5, 𝜌 is the density of the 

wastewater (mg/cm3) and 𝜀 is the porosity of the column. 
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By finding a volumetric mass transfer coefficient as Equation 4.5 (Chern & Chien, 2002; 

Kananpanah et al., 2009), it will be easy to predict a breakthrough curve in a fixed-bed column 

using Equation 4.2 for Langmuir isotherm and Equations 4.3 & 4.4 for Freundlich isotherm 

with ascending and descending intervals of 𝐶𝑡 𝐶𝑜⁄  respectively. 

(
𝑑(𝐶𝑡 𝐶𝑜⁄ )

𝑑𝑡
)
0.5
=

𝜀𝑘𝐿𝑎 

𝜌𝑘𝑓𝐶𝑜
𝑛−1 ((𝐶𝑡 𝐶𝑜⁄ ) − (𝐶𝑡 𝐶𝑜⁄ )1 𝑛⁄ )                                                                         (4.5) 

 

4.7 Fixed-Bed Column 

As shown in Figure A.3, The large column (Ace chromatography column) was made of a 25-

mm inner diameter × 600-mm long piece of glass tubing with taped threaded glass ends, and 

threaded teflon endcaps. Appropriate plastic tubing (1/4’’ and 1/8” ID) were connected to an 

adjustable-headed peristaltic pump (Stunner pumps) with a duct tape to pass wastewater into 

the column at a rate of the 1-10 pump setting which approximately equals to 0.0057-0.10514 

L/min as shown in Figure A.4. AZLB-Na was examined at mass of 38.5 g while the real water 

was delivered at rate of 0.0385 L/min through the column until the breakthrough of the 

ammonia was observed. The procedure was as follows: the desirable AZLB-Na mass was 

weighed and then added into the column with measuring the bed depth to be used in the model. 

A peristaltic pump was connected to the column by the appropriate tubing as mentioned above 

to the column top and the speed was adjusted to be at a 4-pump setting to deliver wastewater 

at rate of 0.0385 L/min. By opening the top valve and running the pump, wastewater was 

passed into the column to remove the sticky AZLB-Na on the column wall, ensure the whole 

mass filled the column and adjust height of the water to be two cm above the AZLB-Na resin 
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and then passing wastewater. The bottom valve was adjusted to make the drained DI water 

from the column as speed as the entering water to the column. A 1-L beaker was located under 

the bottom valve to collect the samples until breakthrough was achieved by monitoring the rise 

in the NH3−N in the adsorption sample volume and then plotting ratio  𝐶𝑡 𝐶𝑜⁄  vs. time.  

 

4.8 Breakthrough Curve Analysis 

4.8.1 Models 

The Bohart-Adams and Thomas models were used to describe the behavior of continuous 

ammonia adsorption in a fixed-bed column using AZLB-Na for comparison with our 

experimental data (Bohart and Adams, 1920; Thomas, 1944). According to the Bohart-Adams 

model, the NH3−N concentration in the discharge from the column is given by the following 

expression 

𝐶𝑡

𝐶𝑜
=

1

1+𝑒𝑥𝑝(
−𝑘𝐵𝐴𝑁𝑜𝑍

𝜐
+𝑘𝐵𝐴𝐶𝑜𝑡)

                                                                                                   (4.6) 

𝑙𝑛 (
𝐶𝑜

𝐶𝑡
− 1) =

−𝑘𝐵𝐴𝑁𝑜𝑍

𝜐
+ 𝑘𝐵𝐴𝐶𝑜𝑡                                                                                          (4.7) 

where 𝑘𝐴𝐵 is the Bohart-Adams rate constant (L/mg-min), 𝑁𝑜 is the saturation concentration 

(mg/L), 𝜐 is the linear velocity of wastewater (cm/min) and 𝑍 is the bed depth (cm). Based on 

Equation 4.7, a plot of 𝑙𝑛 (
𝐶𝑜

𝐶𝑡
− 1) versus 𝑡 should be linear and 𝑘𝐵𝐴 and 𝑁𝑜 can be determined 

by applying 
𝑠𝑙𝑜𝑝𝑒

𝐶𝑜
⁄  and  

𝑖𝑛𝑡𝑒𝑟𝑐𝑒𝑝𝑡 𝜐
𝑘𝐴𝐵 𝑍
⁄ , respectively. The corresponding relations 

based on the Thomas models are: 

𝐶𝑡

𝐶𝑜
=

1

1+𝑒𝑥𝑝(
𝑘𝑇ℎ𝑞𝑚𝑎𝑥𝑚

𝑄
−𝑘𝑇ℎ𝐶𝑜𝑡)

                                                                                                 (4.8) 
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𝑙𝑛 (
𝐶𝑜

𝐶𝑡
− 1) =

𝑘𝑇ℎ𝑞𝑚𝑎𝑥𝑚

𝑄
− 𝑘𝑇ℎ𝐶𝑜𝑡                                                                             (4.9) 

where 𝑘𝑇ℎ is the Thomas rate constant (L/mg.min), 𝑞𝑚𝑎𝑥 is the maximum concentration (mg/g) 

and 𝑄 is the volumetric flow rate of wastewater (L/min). Based on Equation 4.9, this model 

also predicts that a plot of 𝑙𝑛 (
𝐶𝑜

𝐶𝑡
− 1) versus 𝑡 should be linear and that the model parameters 

𝑘𝑇ℎ and 𝑞𝑚𝑎𝑥 can be determined from 
𝑠𝑙𝑜𝑝𝑒

𝐶𝑜
⁄  and  

𝑖𝑛𝑡𝑒𝑟𝑐𝑒𝑝𝑡 𝑄
𝑘𝑇ℎ 𝑚
⁄ , respectively. 

4.8.2 Experimental Design 

To study the effect of operating variables (mass of AZLB-Na, bed depth and flowrate) on the 

discharge concentration and breakthrough curves, the following equations were used 

(Bertagnolli et al., 2011; Sotelo et al., 2013; de Franco et al., 2017): 

𝑞𝑏 =
𝐶𝑜𝑄

 𝑚
∫ (1 −

𝐶𝑏

𝐶𝑜
)  𝑑𝑡

𝑡𝑏
0

                                                                                                   (4.12) 

𝑞𝑠 =
𝐶𝑜𝑄

 𝑚
∫ (1 −

𝐶𝑠

𝐶𝑜
)  𝑑𝑡

𝑡𝑠

0
                                                                                                    (4.13) 

where 𝐶𝑏 and 𝐶𝑠 are the NH3−N concentrations in wastewater (mg/L) at breakthrough (0.05𝐶𝑜) 

and saturation (0.95𝐶𝑜), respectively, 𝑞𝑏 and 𝑞𝑠 are the adsorption capacities at breakthrough 

and saturation (mg/g), respectively, and 𝑡𝑏 and 𝑡𝑠 are the times (min) required for breakthrough 

and saturation, respectively, to be reached. The fractional bed utilization FBU is the ratio 

between the ammonia capacity at breakthrough to the ammonia capacity at saturation, i.e., 

𝐹𝐵𝑈 =  
𝑞𝑏

𝑞𝑠
                                                                                                                             (4.14) 
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The adsorption efficiency 𝐴𝐸 % is the ratio between the mass 𝑚𝑎𝑑𝑠 of adsorbed ammonia to 

the inlet mass 𝑚𝑡𝑜𝑡𝑎𝑙 of ammonia fed to the column expressed as a percentage (Goshadrou and 

Moheb, 2011): 

𝐴𝐸% = 
𝑚𝑎𝑑𝑠

𝑚𝑡𝑜𝑡𝑎𝑙
 × 100                                                                                                        (4.15) 

𝑚𝑎𝑑𝑠 and 𝑚𝑡𝑜𝑡𝑎𝑙 are calculated from Equations 4.16 & 4.17 as follows: 

𝑚𝑎𝑑𝑠 = 𝑄𝐶𝑜 ∫ (1 −
𝐶𝑠

𝐶𝑜
)  𝑑𝑡

𝑡𝑠

0
                                                                                              (4.16) 

𝑚𝑡𝑜𝑡𝑎𝑙 = 𝑄𝐶𝑜𝑡𝑠                                                                                                                   (4.17) 

The mass transfer zone MTZ can be calculated as follows (Vieira et al., 2009, Bertagnolli et 

al., 2011): 

𝑀𝑇𝑍 = (1 −
𝑞𝑏

𝑞𝑠
)𝑍                                                                                                               (4.18) 

In adsorption columns tests, data obtained from the laboratory can be used to determine service 

times for scaling up to the pilot plant. Many mathematical models have been developed but the 

following one obtained from the linearized Bohart and Adams model has been widely used 

(Hutchins, 1973) and is applied in this study to calculate the service time 𝑡:  

𝑡 =  
𝑁𝑜

𝐶𝑜𝜐
𝑍 −

1

𝐶𝑜𝑘𝐵𝐴 
ln (

𝐶𝑜

𝐶𝑏
− 1)                                                                                            (4.19) 

𝑡 = 𝑎𝑍 − 𝑏                                                                                                                          (4.20) 

𝑎 =
𝑁𝑜

𝐶𝑜𝜐
                                                                                                                                (4.21) 
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𝑏 =
1

𝐶𝑜𝑘𝐵𝐴 
ln (

𝐶𝑜

𝐶𝑏
− 1)                                                                                                         (4.22) 

where 𝑎 and 𝑏 are the slope and intercept of the linearized Bohart-Adam model, respectively. 

 

4.9 Desorption Process 

A next step after completing the experiment is regenerating the AZLB-Na resin. A procedure 

of the regeneration is as follows: AZLB-Na was drained of all wastewater before the solution 

was introduced. (10:100 w/v) sodium hydroxide was prepared for the AZLB-Na and passed 

through the column at a 4-pump setting which equals to 0.0385 L/min in the co-flow direction 

as the same as wastewater. The reasons of the co-flow direction are recommended by the 

manufacturers for greater percentage in regenerating the AZLB-Na resin and it was unknown 

whether the peristaltic pump can deliver the solution up. In the elusion plot, the mass desorbed 

by (10:100 w:v) NaOH can be calculated by multiplying the area under the curve between 

ammonia concentrations as N and time by volumetric flow rate 𝑄 as follows (Sotelo et al., 

2013): 

𝑚𝑑 = 𝑄∫ 𝐶𝑒𝑙𝑑𝑡
𝑡𝑒𝑙
𝑡𝑝

                                                                                                               (4.23) 

where 𝑄 is the volumetric flow rate, 𝐶𝑒𝑙 is the ammonia NH3−N concentration in elution 

solution, 𝑡𝑒𝑙 is the time for termination of the elution step and 𝑡𝑝 is the time to achieve 

maximum NH3−N concentration.  

The elution efficiency 𝐷𝐸 % is the ratio between 𝑚𝑑 and 𝑚𝑎𝑑𝑠 expressed as a percentage: 
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𝐷𝐸% = 
𝑚𝑑

𝑚𝑎𝑑𝑠
× 100                                                                                                           (4.24) 

Finally, the concentration factor CF is the ratio between the maximum NH3−N concentration 

𝐶𝑝 during the desorption step to the NH3−N concentration in the inlet to the adsorption step 

(Volesky et al., 2003; Sotelo et al., 2013): 

𝐶𝐹 =  
𝐶𝑝

𝐶𝑜
                                                                                                                              (4.25) 

Apparent desorption rate coefficient can be calculated as follows: 

𝑑(𝐶𝑒𝑙,𝑡 𝐶𝑒𝑙,𝑜⁄ )

𝑑𝑡
= −𝑘𝑑

′ 𝐶𝑒𝑙,𝑡                                                                                                       (4.26) 

The first order rate model for the desorption process is expressed as (Sparks and Jardine, 1981): 

ln(𝐶𝑒𝑙,𝑡 𝐶𝑒𝑙,𝑜⁄ ) = −𝑘𝑑
′ 𝑡                                                                                                       (4.27) 

where 𝐶𝑒𝑙,𝑜 and 𝐶𝑒𝑙,𝑡 are the NH3−N concentration in the elution solution at initial and time 

(mg/L) and 𝑘𝑑
′  is the apparent desorption rate constant (1/min). In plotting ln(𝐶𝑒𝑙,𝑡 𝐶𝑒𝑙,𝑜⁄ ) vs. 

𝑡, 𝑘𝑑
′ = −𝑠𝑙𝑜𝑝𝑒. 

 

4.10 Regression 

The models were fit to the experimental data by minimizing the root-mean-square error 

(RMSE) between the measured (𝐶𝑡 𝐶𝑜⁄ )𝑒𝑥𝑝,𝑖 and computed (𝐶𝑡 𝐶𝑜⁄ )𝑚𝑜𝑑,𝑖 values for each 

absorbent and the coefficient of determination (𝑅2)( Barrett, 1974), i.e.,  

𝑅𝑀𝑆𝐸 = √
1

𝑁−2
∑ ((𝐶𝑡 𝐶𝑜⁄ )𝑒𝑥𝑝,𝑖 − (𝐶𝑡 𝐶𝑜⁄ )𝑚𝑜𝑑,𝑖)

2𝑁
𝑖=1

2
                                                        (4.28) 
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𝑅2 = 1 −
∑ (𝐶𝑡 𝐶𝑜⁄ )𝑒𝑥𝑝,𝑖−(𝐶𝑡 𝐶𝑜⁄ )𝑚𝑜𝑑,𝑖̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅𝑁
𝑖=1

∑ (𝐶𝑡 𝐶𝑜⁄ )𝑒𝑥𝑝,𝑖−(𝐶𝑡 𝐶𝑜⁄ )𝑚𝑜𝑑,𝑖
𝑁
𝑖=1

                                                                                     (4.29) 

where N is the number of samples collected and (𝐶𝑡 𝐶𝑜⁄ )𝑚𝑜𝑑,𝑖̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅  is the mean of the computed 

values. 

 

4.11 Results and Discussion 

4.11.1 Screening Tests 

As shown in Table 4.2, sixteen ion-exchange adsorbents (10 resins and 6 zeolites) were tested 

for their efficiency in removing ammonia from the real wastewater by adding one gram of each 

adsorbent into 35 mL of the real water. The preliminary results showed in the section 2.9.1 of 

the chapter two. A more detailed study of the three selected adsorbents from a first group (two 

most effective resins Dowex and Purolite MN500 and most effective zeolite ALZB-Na) was 

conducted over a five-hour period with samples collected at t = 0, 1, 3 and 5 hr., using 0.5 and 

1 g of each adsorbent and. As shown in Figure 4.1, the starting concentration was also plotted 

as mg/g to keep the plots on a reasonable scale for comparison although no adsorbent was 

present for the time zero sample. As shown in Figure 4.2, the results demonstrated that 

adsorption of ammonia by the Dowex resin was the most efficient adsorbent for the ammonia 

(~ 76 and 89% removal when 0.5 and 1.0 g adsorbent, respectively, are used) compared to 

Purolite MN500 (~ 35 and 54%, respectively) and ALZB-Na zeolite (~ 38 and 55%, 

respectively). Each adsorbent reached saturation within an hour when 0.5 g was used and 

within 3 hours when 1 g adsorbent was present. The effect of the ion-exchange resins on the 

solution pH was markedly different from that of the zeolite. The final pH at the end of 5 hrs 
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adsorption decreased from 5.16 to 1.84 and 1.91 when Dowex and the Purolite MN500 resins, 

respectively, were used, but only to 6.32 when ALZB-Na zeolite was used. The reason is 

related to compositions of the both resins and zeolites since H+ is released by the ion exchange 

reaction, whereas adsorption by zeolite does not.  

4.11.2 Fixed-Bed Column 

As shown in Figure 4.3 and Table 4.3, models constants were calculated using the intercepts 

and slope of the fitting models and applying Equations 4.7-4.9. It can be observed that the rate 

constants of both models are the same and fit the experimental data with low RMSE value as 

in Table 4.4 represents design values using an AZLB-Na zeolite. 

4.11.3 Desorption Process 

Elution efficiency effects by many factors; percentage, and flowrate of the regenerate, contact 

time, surface area, type of the flow (co-current or counter current), and type of the regenerate 

(basic, acid or salt). An AZLB-Na desorption is usually recommended using (8-10 wt%) NaOH 

according to the manufacturer’s procedure of the AZLB-Na. Comparing to the other work, as 

shown in the Figures 4.4 & 4.5, approximately 0.0385 L/min flow rate of (10:100 w/v) NaOH 

was passed to regenerate AZLB-Na. The desorbed mass was calculated was calculated using 

Equation 4.23. This analysis showed the peak NH3−N concentration 𝐶𝑝 and  𝐶𝐹  found to be 

160.2 mg/L and 7.05 respectively while the desorption efficiency and apparent desorption 

constant rate was 17.1 % and 0.123± 0.027 (1/min) using linear fitting with 𝑅2 = 0.91 

respectively.  
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Figure 4.1: Adsorption capacities using 0.5 and 1 g of each adsorbent in real wastewater. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 4.2: Percentage of the ammonia removal of real wastewater using 0.5 & 1 g of each adsorbent. 
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Figure 4.3: Breakthrough curves using a large column. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 4.4: Plot of the apparent desorption rate coefficient. 
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Figure 4.5: Elusion plot of AZLB-Na. 

Table 4.2: Ammonia concentration (NH3−N) using 1 g of each adsorbent and neutral pH. 

Adsorbent 
mg/L (NH3−N)  

at 5 sec 

mg/L (NH3−N)  

at 7 hr 

(%) removal 

at 5 sec 

(%) removal 

at 7 hr 
pH 

First group: Initial NH3−N (mg/L) = 8 mg/L - Initial pH = 5.16 at 22.5 oC 

Dowex 50Wx8 3 0.4 62.5 95.0 Acidic 

Purolite MN500 6.3 3 21.2 62.5 Acidic 

Purolite C104Plus 7.9 9.4 1.20 * Acidic 

Purolite C100H 6.3 0.8 21.2 90.0 Acidic 

Zeolite NM-Ca 7.1 5 11.2 37.5 Basic 

Zeolite NV-Na 6.1 3.2 23.7 60.0 Basic 

Second group: Initial NH3−N (mg/L) = 3.8 mg/L - Initial pH = 5.12 at 22.5 oC 

Zeolite AZLB-Na 2.5 1.3 34.20 65.78 Basic 

Zeolite NV-Na *TM 3.3 3.2 13.15 15.78 Basic 

Zeolite AZLB-Ca 2.9 1.9 23.68 50.00 Basic 

DIAION PK228 3 1.8 21.05 52.63 Acidic 

DIAION SK1B 2.8 1.8 26.31 52.63 Acidic 

DIAION PK216 2.7 2.1 28.94 44.73 Acidic 

Tulsion T-42 Na N-B1-TX 2.7 2.2 28.94 42.10 Acidic 

Tulsion T-52 Na BCN-B1-TX 3.4 1.0 10.50 73.68 Acidic 

LEWATIT monoPlus S 108 H 3.2 1.3 15.70 65.78 Acidic 

KMI Zeolite 2.9 2.6 23.68 31.75 Basic 
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Table 4.3: Constants of Thomas and Bohart-Adams models. 

Bohart-Adam Thomas 

𝑘𝐵𝐴, L/mg.min 𝑁𝑜, mg/L RMSE 𝑘𝑇ℎ, L/mg.min 𝑞𝑚𝑎𝑥 , mg/g RMSE 

0.0023 1510.2 0.137 0.0023 1788.4 0.137 

 

Table 4.4: Design values of both Thomas and Bohart-Adams models. 

𝑘𝐿𝑎 

1/min 

 𝑡𝑏 

min 

 𝑡𝑠 

 min 

 𝑞𝑏  

mg/g 

  𝑞𝑠 

mg/g 

𝐹𝐵𝑈 

 

𝐴𝐸 % 

 

MTZ 

cm 

5.359 36.4 151.8 0.789 2.575 0.234 25.27 6.888 

 

 

4.12 Conclusions 

From this research study, the following conclusions can be made from the experimental- and 

theoretical results obtained:  

1. Depending on screening results, Dowex, and LEWATIT (Acidic resins) and AZLB-

Na, and NV-Na (Basic zeolites) are the most efficient.  

2. An AZLB-Na zeolite is more effective for the ammonia adsorption using a co-flow 

technique. 
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Chapter 5: 

CO2 Emissions Management in a FCC Unit 

5.1 Introduction 

Petroleum refining processes are one of the major sources of carbon dioxide (CO2) emissions 

since approximately 4% of the global CO2 emissions are produced by refineries amounting to 

one billion tons of CO2 per year. Therefore, refineries are a suitable candidate for carbon 

capture and storage (CCS) due to the large amount of carbon dioxide, especially in the 

Fluidized Catalytic Cracking (FCC) units which represents approximately 30 – 40% of the 

total carbon emissions (Stockle & Bullen, 2008; de Mello et al., 2009, 2013; van Straelen et 

al., 2010; Miracca et al., 2013). CO2 emitted from refineries can be reduced in several areas 

such as energy efficiency improvements or by implementing carbon capture and sequestration 

(Stockle and Bullen, 2008). 

In previous work, de Mello et al. (2009) compared, based on technical and economic aspects, 

two schemes: post-combustion and oxy-combustion to capture CO2 from FCC units and 

presented cost estimates for each scheme and concluded that the cost of the oxy-combustion is 

higher than that of post-combustion as well as using CO2 capture will not change the product 

profile and affect the conversion of coke deposited. Also, they estimated the flue-gas 

composition depending on mass/energy balances. Finally, they found that it is technically 

possible to operate the FCC unit in an oxy-combustion scheme. Fu & Anantharaman (2017) 

developed models of the oxy-combustion in the regenerator-FCC unit because of a lack of 

investigation in this field in public literature that were derived from literature work of the post-

combustion of the FCC unit. Also, they concluded that it is possible to capture carbon from 
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emissions of FCC units when working under an oxy-combustion process and CO2 

concentration in the flue gases can reach 95%. Also, their models could be used for further 

optimization techniques. On the other hand, van Straelen et al. (2010) evaluated costs for post-

combustion in a complex refinery and concluded that the application of post-combustion is 

promising for various CO2 emission sources at refineries. Furthermore, Petrobras used an oxy-

combustion scheme in its FCC unit to retrofit carbon capture. Shell also performed a study on 

CO2 reduction and the use of oxy-combustion (de Mello et al., 2009). More recently, Escudero 

et al. (2016) concluded that levels of carbon dioxide are always high in refineries since they 

have a range of final conversion products. Also, they found that it can be economically and 

technically possible to capture carbon dioxide from an oxy-combustion scheme in the refinery 

sector. FCC units can be considered as one of the main sources that contribute to the most 

carbon dioxide emissions in refineries. According to tests under a CO2 capture project in 

Brazil, it is technically feasible to retrofit a FCC unit to capture carbon dioxide by an oxy-

combustion system since it is found that total refinery emissions decreased by 20% to 30% 

(Escudero et al., 2016). We expand on these studies by: i) describing the system using the 

simplified models, especially in oxy-combustion system where no clear published models 

exist, ii) identifying the side constraints from the dynamic behavior of each stream in the unit 

and iii) examining the effects of integrating a carbon capture unit within the FCC unit. 
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5.2 Fluidized Catalytic Cracking (FCC) Unit  

5.2.1 FCC Process Description 

Converting heavy oil fractions (Gasoil) to valuable products such as gasoline and liquid 

petroleum gas is a main objective of the FCC unit. As shown in Figure 5.1, a mixture of the 

fresh hydrocarbon feed and catalyst with 0.1% of the regenerated catalyst is preheated at 204 

− 400 oC to prevent coking and then pumped to the riser bottom to meet the high-temperature 

regenerated catalyst from the regenerator at 716oC. The heat carried by the regenerated catalyst 

vaporizes and raises the mixture to the desired cracking reaction temperature at 522oC until 

separation of the oil vapors from the catalyst at the reactor top. The contact time between the 

regenerated catalyst and mixture in the reactor is 2-10 seconds. Then, hydrocarbon vapors are 

treated with steam injection at 522oC to separate them from the catalyst surfaces and then 

passed through the fractionating column for multiprocessing to yield usable products. Coke 

forms on the catalysts surfaces due to cracking reactions and causes reduction in its activity. 

Therefore, the spent catalyst leaves the reactor containing deposited coke and passes to the 

regenerator where coke contacts and reacts with air or oxygen depending on the combustion 

system for 10-15 minutes of residence time. Variations of the air or oxygen flow rate are one 

of the vital tools for controlling the regenerator temperature where the air/oxygen temperature 

is 370 – 593oC. Finally, the regenerated catalyst enters the bottom of the riser through the side 

valve, and thus a continuous catalyst circulation loop is completed. A temperature range of the 

reactor and regenerator is 496 – 565oC and 677 – 732oC respectively while reactions of the 

reactor and regenerator are endothermic (1.55622×106 kJ/min) and exothermic (8.4999×106 

kJ/min) respectively. Heat losses in the reactor and regenerator are 2% and 4% respectively 
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due to convection and radiation (Gary, Hankwerk, & Kaiser, 2007; Lieberman, 2009). Because 

of the full post-combustion reactions inside the regenerator, the CO2 emitted typically 

represents 10 – 20% of flue gases while in an oxy-combustion, the CO2 percentage is higher 

around 90 – 95% because flue gases are not containing nitrogen. Two combustion systems 

(post- and oxy-combustion) are possible depending on the FCC regenerator design. 

Differences between the two systems are many, such as the amount and concentration of the 

carbon dioxide in flue gases, and the operating cost. Also, post-combustion system happens in 

the presence of air (including nitrogen) while in the oxy-combustion takes place in the presence 

of pure oxygen diluted with carbon dioxide. Large amounts of nitrogen are produced by post-

combustion while in the oxy-combustion it is not the case because of the use of an air 

separation unit (ASU) to remove nitrogen, but this increases the operating costs (Lecomte et 

al., 2010). It is important to mention the kinetic reactions of the combustion that take place in 

the regenerator and give details about concentrations of the reactants/products including carbon 

dioxide. The reactions are as follows (Bollas et at., 2007): 

C +
1

2
O2

K1
→ CO , r1 = K1[C] [O2] 

C +
1

2
O2

K2
→ CO2 , r2 = K2[C] [O2] 

CO +
1

2
O2

K3
→ CO2 , r3 = K3[O2

0.5] [CO] [H2O
0.5] 

CO +
1

2
O2

K4
→ CO2 , r4 = K4[CO] 

2H +
1

2
O2

K5
→ H2O  , r5 = K5[H] [O2] 
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Figure 5.1: A systematic diagram of the FCC unit with the CO2 capture unit. 

5.2.2 Validation of the FCC Simplified Model 

Modeling of refining and industrial processes represents the fundamental block to many tasks 

such as optimization, design, and control. Advantages of simplified models are many such as 

firstly, giving better predictions and estimations than extended models, especially when the 

data have a lack of information Secondly, using and developing in many different fields of 

chemical engineering such as optimization, process control, and design with reducing 

nonlinearity, complexity and the number of equations (Perregaard 1993; Brendel et al., 2006). 

Thirdly, reducing computational simulation burdens by gaining insight into the process models 

(Perregaard, 1993). Finally, they are less expensive in usage and more reliable since they do 

not contain many unknown variables (Brooks and Tobias, 1996). Due to the difficulties that 

come with deriving the models, the modelers should use simplified models associated with 

choosing the reasonable assumptions such as considering some parameters at reasonable 

values, neglecting some terms in mass/heat balances and/or fixing specific heats if the 

temperature range is convergent. To obtain accurate results using the simulations, the 

researchers and engineers must have sufficient wide-range knowledge about the processes with 
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selecting the appropriate assumptions and have data that describe the best predictions. With 

information limitations about the process and existing unknown parameters, many processes 

have complexity and there are difficulties in obtaining accurate mechanisms. The aims of using 

simplified models focused on acceptable assumptions during formulating models as well as 

fixing some parameters at appropriate values. Developing mechanistic models represents many 

challenges since it is costly, difficult and requires sufficient data to predict all unknown 

variables and parameters of the models (Wang et al., 2007). Results of the simulation models 

show good agreement comparing with the available data in the literature when using the same 

operating conditions (Elnashaie, 1994). Using simulations, the solution of the dynamic or 

steady state problems requires choosing special calculation methods with correct numerical 

features.  

McFarlene et al. (1993), Arbel et al. (1995) and Bollas et al. (2007) presented models of the 

fluidized catalytic cracking unit in detail including mass/heat balances and kinetic reactions of 

both reactor and regenerator, control system and optimization. McFarlene et al. (1993) 

presented mechanistic models of both reactor and regenerator, covered most of the dynamic 

behaviors in the FCC unit including interaction between two processes, on-line optimization 

and process control and concluded that the FCC process is a highly nonlinear system and has 

interactions among the variables. Arbel et al. (1995) described models of the FCC unit in detail 

including kinetic rates of CO and CO2 combustion and their effects on the FCC unit 

performance. Bollas et al. (2007) studied the dynamic behavior of the FCC unit using a 

dynamic simulator by imposing step changes in some manipulated variables, measuring reactor 

and regenerator temperatures and regenerator flue gas flowrates in both open- and closed loops 
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and comparing those to a simulator with the conclusion that the dynamic simulator can serve 

to develop off-line optimization studies and model-based control. Fahim et al., (2010) studied 

and described material/heat balances of the FCC unit at steady state. Our model was based on 

the models presented in literature. Comparing to that of Fahim et al. (2010), the model has a 

static and dynamic behavior. State space analysis is a method used by many researchers to 

describe dynamic systems of multiple-inputs and multiple-outputs (MIMO) since it is easy and 

depends on matrix algebra (Coughanower & LeBlanc, 2009) as follows:  

[

�̇�1
�̇�2…
�̇�𝑛

] = [

𝑎11 𝑎12 … 𝑎1𝑛
𝑎12 𝑎22 … 𝑎2𝑛
…
𝑎𝑛1

…
𝑎𝑛2

…
…

…
𝑎𝑛𝑛

] [

𝑥1
𝑥2…
𝑥𝑛

] + [

𝑏11 𝑏12 … 𝑏1𝑚
𝑏12 𝑏22 … 𝑏2𝑚…
𝑏𝑛1

…
𝑏𝑛2

…
…

…
𝑏𝑛𝑚

] [

𝑢1
𝑢2…
𝑢𝑛

]                                     (5.1) 

where 𝑥1, 𝑥2... 𝑥𝑛 are state variables while 𝑢1, 𝑢2... 𝑢𝑛 are influencing ones. In matrix form, 

Equation 5.1 can be written as: 

�̇� = 𝐴𝑥 + 𝐵𝑢                                                                                                                         (5.2) 

𝑦 = 𝐶𝑥                                                                                                                                   (5.3) 

where y is a vector of the outputs (𝑦1, 𝑦2... 𝑦𝑛), A, B are matrixes representing coefficients of 

influencing and output variables respectively and C is an identity matrix. In MIMO systems, 

this method was used to find dynamic responses and transfer functions between influencing 

and output variables. On the other hand, it causes the models to lose some accuracy because of 

converting the system to the linear state.    

5.2.3 Simplified FCC Unit Modeling   

Because of high economic and environmental importance, modelling and optimization of the 

FCC unit represent big challenges research because process models should be described in 
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detail (Bollas et al., 2007). Therefore, mass and heat balances of the FCC process need to be 

modeled, calculated correctly and employed to study through the process variables (i.e., flow 

rates and temperatures). Simulation models of any process are derived from mass balance, 

energy balance and kinetic equations while considering some assumptions to help the 

researchers reduce and resolve the complexity of models. Therefore, prediction of the changes 

consequence of the system influencing and/or operating conditions is the aim of dynamic 

modeling. In modern refineries, FCC units are the principal elements to modify heavy 

petroleum fractions into more valuable products such as high-octane number gasoline, middle 

distillates, and light gases. Big challenges occur in studying the operating conditions of FCC 

units that have large effects on physical properties of the catalyst (Lieberman, 2009). The 

reasons to study temperature effects on both the reactor and regenerator performance in FCC 

units are many. Firstly, reactor temperature plays a key role in FCC unit performance since 

increases in the conversion are achieved by increases in reactor temperature to produce 

gasoline with high octane number (Ellis et al., 1998). Also, increasing rates and temperatures 

of the feed, and regenerated catalyst lead to an increase in reactor temperature to crack 

feedstocks (Lieberman, 2009; Sadeghbeigi, 2012). Secondly, regenerator temperature plays a 

key role in maintaining the best heat distribution in both reactor and regenerator. Keeping 

regenerator temperatures within normal ranges is necessary to avoid catalyst deactivation 

caused by high regenerator temperatures such as severe afterburning. Reducing regenerator 

temperature can be achieved by decreasing the feed temperature along with increasing the 

catalyst circulation rate, reducing the air temperature to 150oC or more since the air can cut the 

regenerator temperature by 75oC. Also, hydrothermal deactivation can be caused by exposing 
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the catalyst to a high-temperature steam (more than 700oC) since flue gas in the regenerator 

contains water vapor which is produced from coke combustion (Lieberman, 2009). Finally, 

temperature is controlled in afterburning by maximizing the feed preheat temperature, 

maintaining steady spent catalyst rate, and optimizing stripping and flue gas excess oxygen. 

The afterburning level in the regenerator commonly depends on the operating conditions of the 

unit and contact between the air and the spent catalyst (Sadeghbeigi, 2012). Mass rate of the 

air can be used to control the afterburning in the regenerator and to prevent damages in 

cyclones of the regenerator since it is a customary practice in many FCC units. In addition, 

feed quality, fresh catalyst rate, and air rate could also affect the regenerator temperature, 

therefore, heat balances around both reactor and regenerator are important to ensure best 

system performance by finding optimal operating conditions using optimization techniques. 

Heat release by coke combustion provides heat to all reactor streams such as raising the feed, 

and steam temperatures to the reactor temperature, making up heat losses by radiation, 

conduction, etc., and supplying reaction heat. In regenerator, such as raising coke, and air 

temperatures to regenerator one, and making up heat losses by radiation, conduction, etc. 

(Gary, Handwerk, & Kaiser, 2007). To maintain good balancing between reactor and 

regenerator temperatures, the distribution of combustion heat should vary based on stream 

needs and design considerations but in general, the heat distribution percentages of the losses, 

steam, air, reaction, and feed are 2, 8, 20, 30, and 40 respectively (Jones & Pujado, 2006). In 

the post-combustion system, the reactor (Equations 5.4 & 5.5) and regenerator (Equations 5.6 

& 5.7) models were derived with assuming heat losses are equal to 2% of the regenerated 

catalyst and 4% of the combustion heat for the reactor and regenerator respectively, and 
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specific heats of the influencing variables were constant (Jones & Pujado, 2006; Sadeghbeigi, 

2012) as follows: 

∫ 𝑚𝑓𝑒𝑒𝑑𝐶𝑝𝑓𝑒𝑒𝑑̅̅ ̅̅ ̅̅ ̅̅ ̅ 𝑑𝑡

𝑇𝑓𝑒𝑒𝑑

𝑇𝑟𝑒𝑓

+ ∫ 𝑚𝑓𝑟𝑒𝑠ℎ𝑐𝑎𝑡𝐶𝑝𝑓𝑟𝑒𝑠ℎ𝑐𝑎𝑡̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅

𝑇𝑓𝑟𝑒𝑠ℎ𝑐𝑎𝑡

𝑇𝑟𝑒𝑓

𝑑𝑡 + ∫ 𝑚𝑟𝑒𝑔𝑐𝑎𝑡𝐶𝑝𝑟𝑒𝑔𝑐𝑎𝑡̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅

𝑇𝑟𝑒𝑔

𝑇𝑟𝑒𝑓

𝑑𝑡

+ ∫ 𝑚𝑠𝑡𝑒𝑎𝑚𝐶𝑝𝑠𝑡𝑒𝑎𝑚̅̅ ̅̅ ̅̅ ̅̅ ̅̅

𝑇𝑠𝑡𝑒𝑎𝑚

𝑇𝑟𝑒𝑓

𝑑𝑡 − ∫ 𝑚𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝐶𝑝𝑝𝑟𝑜𝑑𝑢𝑐𝑡̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅  𝑑𝑡

𝑇𝑟𝑒𝑐

𝑇𝑟𝑒𝑓

− ∫ 𝑚𝑠𝑝𝑑𝑐𝑎𝑡𝐶𝑝𝑠𝑝𝑑𝑐𝑎𝑡̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅ 𝑑𝑡

𝑇𝑟𝑒𝑐

𝑇𝑟𝑒𝑓

+ 𝑚𝑓𝑒𝑒𝑑∆𝐻𝑟𝑥𝑛 − 0.02 ∫ 𝑚𝑟𝑒𝑔𝑐𝑎𝑡𝐶𝑝𝑟𝑒𝑔𝑐𝑎𝑡̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅

𝑇𝑟𝑒𝑔

𝑇𝑟𝑒𝑓

𝑑𝑡

= (𝑀𝑠𝑝𝑑𝑐𝑎𝑡𝐶𝑝𝑠𝑝𝑑𝑐𝑎𝑡̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅ + 𝑀𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝑠𝐶𝑝𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝑠̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅)
𝑑𝑇𝑟𝑒𝑐
𝑑𝑡

 

                                                                                                    (5.4) 

After integration, Equation 5.4 reduces to: 

𝑚𝑓𝑒𝑒𝑑𝐶𝑝𝑓𝑒𝑒𝑑̅̅ ̅̅ ̅̅ ̅̅ ̅(𝑇𝑓𝑒𝑒𝑑 − 𝑇𝑟𝑒𝑓) + 𝑚𝑓𝑟𝑒𝑠ℎ𝑐𝑎𝑡𝐶𝑝𝑓𝑟𝑒𝑠ℎ𝑐𝑎𝑡̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅(𝑇𝑓𝑟𝑒𝑠ℎ𝑐𝑎𝑡 − 𝑇𝑟𝑒𝑓) +

𝑚𝑟𝑒𝑔𝑐𝑎𝑡𝐶𝑝𝑟𝑒𝑔𝑐𝑎𝑡̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅(𝑇𝑟𝑒𝑔 − 𝑇𝑟𝑒𝑓) + 𝑚𝑠𝑡𝑒𝑎𝑚𝐶𝑝𝑠𝑡𝑒𝑎𝑚̅̅ ̅̅ ̅̅ ̅̅ ̅̅ (𝑇𝑠𝑡𝑒𝑎𝑚 − 𝑇𝑟𝑒𝑓)  −

𝑚𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝐶𝑝𝑝𝑟𝑜𝑑𝑢𝑐𝑡̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ (𝑇𝑟𝑒𝑐 − 𝑇𝑟𝑒𝑓) − 𝑚𝑠𝑝𝑑𝑐𝑎𝑡𝐶𝑝𝑠𝑝𝑑𝑐𝑎𝑡̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅(𝑇𝑟𝑒𝑐 − 𝑇𝑟𝑒𝑓) + 𝑚𝑓𝑒𝑒𝑑∆𝐻𝑟𝑥𝑛 −

0.02𝑚𝑟𝑒𝑔𝑐𝑎𝑡𝐶𝑝𝑟𝑒𝑔𝑐𝑎𝑡̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅(𝑇𝑟𝑒𝑔 − 𝑇𝑟𝑒𝑓) = (𝑀𝑠𝑝𝑑𝑐𝑎𝑡𝐶𝑝𝑠𝑝𝑑𝑐𝑎𝑡̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅ + 𝑀𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝑠𝐶𝑝𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝑠̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅)
𝑑𝑇𝑟𝑒𝑐

𝑑𝑡
   (5.5) 

where 𝐶𝑝̅̅ ̅ is the mean heat capacity (kj/kg.oC), 𝑚 is the mass flow rate (kg/min) and 𝑇 is the 

temperature (oC) . Similarly, we have: 
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∫ 𝑚𝑎𝑖𝑟𝐶𝑝𝑎𝑖𝑟̅̅ ̅̅ ̅̅ ̅ 𝑑𝑡

𝑇𝑎𝑖𝑟

𝑇𝑟𝑒𝑓

+𝑚𝑠𝑝𝑑𝑐𝑎𝑡𝐶𝑝𝑠𝑝𝑑𝑐𝑎𝑡̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅(𝑇𝑟𝑒𝑐 − 𝑇𝑟𝑒𝑓) − ∫ 𝑚𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝐶𝑝𝑓𝑙𝑢𝑒𝑔𝑎𝑠̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅  𝑑𝑡

𝑇𝑟𝑒𝑔

𝑇𝑟𝑒𝑓

− ∫ 𝑚𝑟𝑒𝑔𝑐𝑎𝑡𝐶𝑝𝑟𝑒𝑔𝑐𝑎𝑡̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅ 𝑑𝑡

𝑇𝑟𝑒𝑔

𝑇𝑟𝑒𝑓

−𝑚𝑐𝑜𝑘𝑒∆𝐻𝑐𝑜𝑚𝑏𝑥𝑛− 0.04 𝑚𝑐𝑜𝑘𝑒∆𝐻𝑐𝑜𝑚𝑏𝑥𝑛

= (𝑀𝑟𝑒𝑔𝑐𝑎𝑡𝐶𝑝𝑟𝑒𝑔𝑐𝑎𝑡̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅ +  𝑀𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝐶𝑝𝑓𝑙𝑢𝑒𝑔𝑎𝑠̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ )
𝑑𝑇𝑟𝑒𝑔

𝑑𝑡
 

(5.6) 

After integration, Equation 5.6 reduces to: 

𝑚𝑎𝑖𝑟𝐶𝑝𝑎𝑖𝑟̅̅ ̅̅ ̅̅ ̅(𝑇𝑎𝑖𝑟 − 𝑇𝑟𝑒𝑓) + 𝑚𝑠𝑝𝑑𝑐𝑎𝑡𝐶𝑝𝑠𝑝𝑑𝑐𝑎𝑡̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅(𝑇𝑟𝑒𝑐 − 𝑇𝑟𝑒𝑓) − 𝑚𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝐶𝑝𝑓𝑙𝑢𝑒𝑔𝑎𝑠̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ (𝑇𝑟𝑒𝑔 −

𝑇𝑟𝑒𝑓) − 𝑀𝑟𝑒𝑔𝑐𝑎𝑡𝐶𝑝𝑟𝑒𝑔𝑐𝑎𝑡̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅(𝑇𝑟𝑒𝑔 − 𝑇𝑟𝑒𝑓) − 𝑚𝑐𝑜𝑘𝑒∆𝐻𝑐𝑜𝑚𝑏𝑥𝑛− 0.04 𝑚𝑐𝑜𝑘𝑒∆𝐻𝑐𝑜𝑚𝑏𝑥𝑛 =

(𝑀𝑟𝑒𝑔𝑐𝑎𝑡𝐶𝑝𝑟𝑒𝑔𝑐𝑎𝑡̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅ +  𝑀𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝐶𝑝𝑓𝑙𝑢𝑒𝑔𝑎𝑠̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ )
𝑑𝑇𝑟𝑒𝑔

𝑑𝑡
 (5.7) 

While in an oxy-combustion system, two considerations will be applied in the regenerator 

model: first, oxygen heat equals to the air one while second, an oxygen flowrate equals to the 

air one of post-combustion as follows: 

∫ 𝑚𝑜𝑥𝑦𝐶𝑝𝑜𝑥𝑦̅̅ ̅̅ ̅̅ ̅

𝑇𝑜𝑥𝑦

𝑇𝑟𝑒𝑓

𝑑𝑡 = ∫ 𝑚𝑎𝑖𝑟𝐶𝑝𝑎𝑖𝑟̅̅ ̅̅ ̅̅ ̅ 𝑑𝑡

𝑇𝑎𝑖𝑟

𝑇𝑟𝑒𝑓

  

                                         (5.8) 

𝑚𝑜𝑥𝑦𝐶𝑝𝑜𝑥𝑦̅̅ ̅̅ ̅̅ ̅(𝑇𝑜𝑥𝑦 − 𝑇𝑟𝑒𝑓) = 𝑚𝑎𝑖𝑟𝐶𝑝𝑎𝑖𝑟̅̅ ̅̅ ̅̅ ̅(𝑇𝑎𝑖𝑟 − 𝑇𝑟𝑒𝑓)                                                              (5.9) 

𝑚𝑜𝑥𝑦 = 𝑚𝑎𝑖𝑟                                                                                                                           (5.10) 

Therefore, Equations 5.6 & 5.7 will be as follows:  
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∫ 𝑚𝑜𝑥𝑦𝐶𝑝𝑜𝑥𝑦

𝑇𝑜𝑥𝑦

𝑇𝑟𝑒𝑓

 𝑑𝑡 + ∫ 𝑚𝑠𝑝𝑑𝑐𝑎𝑡𝐶𝑝𝑠𝑝𝑑𝑐𝑎𝑡

𝑇𝑟𝑒𝑐

𝑇𝑟𝑒𝑓

 𝑑𝑡 − ∫ 𝑚𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝐶𝑝𝑓𝑙𝑢𝑒𝑔𝑎𝑠

𝑇𝑟𝑒𝑔

𝑇𝑟𝑒𝑓

 𝑑𝑡

− ∫ 𝑚𝑟𝑒𝑔𝑐𝑎𝑡𝐶𝑝𝑟𝑒𝑔𝑐𝑎𝑡

𝑇𝑟𝑒𝑔

𝑇𝑟𝑒𝑓

 𝑑𝑡 − ∆𝐻𝑐𝑜𝑚𝑏𝑥𝑛− 0.04 𝑚𝑐𝑜𝑘𝑒∆𝐻𝑐𝑜𝑚𝑏𝑥𝑛

= (𝑀𝑟𝑒𝑔𝑐𝑎𝑡𝐶𝑝𝑟𝑒𝑔𝑐𝑎𝑡 +  𝑀𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝐶𝑝𝑓𝑙𝑢𝑒𝑔𝑎𝑠)
𝑑𝑇𝑟𝑒𝑔

𝑑𝑡
 

(5.11) 

𝑚𝑜𝑥𝑦𝐶𝑝𝑜𝑥𝑦(𝑇𝑜𝑥𝑦 − 𝑇𝑟𝑒𝑓) + 𝑚𝑠𝑝𝑑𝑐𝑎𝑡𝐶𝑝𝑠𝑝𝑑𝑐𝑎𝑡(𝑇𝑟𝑒𝑐 − 𝑇𝑟𝑒𝑓) − 𝑚𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝐶𝑝𝑓𝑙𝑢𝑒𝑔𝑎𝑠(𝑇𝑟𝑒𝑔 −

𝑇𝑟𝑒𝑓) − 𝑚𝑟𝑒𝑔𝑐𝑎𝑡𝐶𝑝𝑟𝑒𝑔𝑐𝑎𝑡(𝑇𝑟𝑒𝑔 − 𝑇𝑟𝑒𝑓) − ∆𝐻𝑐𝑜𝑚𝑏𝑥𝑛− 0.04 𝑚𝑐𝑜𝑘𝑒∆𝐻𝑐𝑜𝑚𝑏𝑥𝑛 =

(𝑀𝑟𝑒𝑔𝑐𝑎𝑡𝐶𝑝𝑟𝑒𝑔𝑐𝑎𝑡 +  𝑀𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝐶𝑝𝑓𝑙𝑢𝑒𝑔𝑎𝑠)
𝑑𝑇𝑟𝑒𝑔

𝑑𝑡
                                                                    (5.12) 

Differences between post- and oxy-combustion models are many: first, specific heat of the air 

does not equal to that of the oxygen because air contains nitrogen while oxygen is diluted with 

carbon dioxide, therefore; it will affect the dynamic behavior of the system since total mass 

and heat balances must be recalculated. Second, carbon dioxide concentrations in flue gases 

are different because of the use of the air separation unit to remove nitrogen from air. Despite 

these existing differences, switching between two systems takes 5-15 min, therefore, flexibility 

in operations and designs gives advantages to modern FCC units (de Mello et al., 2009).  

5.2.4 Optimization Technique 

Optimization is considered as one of the effective techniques used by researchers and engineers 

to solve many relevant management problems by finding best solutions such as increasing 

profits, minimizing time required, and enhancing operating conditions of the process. Basic 
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optimization problems consist of many simple/complex mathematical expressions depending 

on the system (Edgar, Himmelblau, & Lasdon, 2001). Using appropriate software, 

optimization becomes more effective, easy to use with including many quantitative functions 

and methods and helps researchers to find results faster by leading to more reliable solutions. 

To achieve the best optimization results, objective functions and constraints must be presented 

very well by including at least one objective function (cost or profit function, etc.), equality 

constraints, inequality constraints and/or side constraints. Mathematical programming is 

widely used and an appropriate technique in refining operations, oil production and refinery 

energy (Draman et al., 2002; Göthe-Lundgren et al., 2002; Gunnerud & Foss, 2010; Gueddar 

& Dua, 2012). The optimization framework can be described as follows: 

Optimizing objective function: f(x)        

Subject to:  

• ℎ(𝑥𝑖) = 0 equality constraints,   

• 𝑔(𝑥𝑖) ≥ 0 𝑖𝑛equality constraints,  

• xi
L ≤ xi ≤ xi

Uside constraints. 

where 𝑥𝑖 is the vector of the n variables, ℎ(𝑥𝑖) and 𝑔(𝑥𝑖) are the vectors of the equality and 

inequality equations respectively and xi
L, and xi

U are lower and upper limits respectively 

(Edgar, Himmelblau, & Lasdon, 2001; Venkataraman, 2009). 

5.2.5 Relative Gain Array (RGA) 

RGA is a square-gains matrix in which summation of all rows/columns must be equal to one 

and an appropriate method to show interactions tightness for choosing the best pair of the input 
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and output variables that have the largest gains in the matrix. Mathematically, calculating RGA 

depends only on gains of the open and closed loops at steady state as follows: 

𝜆𝑖𝑗 = 𝑖𝑗𝑡ℎ 𝑒𝑙𝑒𝑚𝑒𝑛𝑡 𝑜𝑓 𝑘𝑝 × 𝑖𝑗𝑡ℎ 𝑒𝑙𝑒𝑚𝑒𝑛𝑡 𝑜𝑓 [𝑘𝑝
−1]

𝑇
                                                         (5.13)  

where 𝜆𝑖𝑗 are the elements of the gains matrix (dimensionless), [𝑘𝑝
−1]

𝑇
 is the transport of the 

gains matrix inverse (dimensionless) and 𝑖, and 𝑗 are the subscripts refer to rows and columns 

respectively. By finding 𝜆11, values of the other relative gains can be calculated where  𝜆12 =

𝜆21 = 1 − 𝜆11, and 𝜆22 = 1 − 𝜆21. RGA provides useful criteria to measure an interaction as 

follows: no interaction exists between input variables and output ones (𝜆12 = 0 𝑜𝑟 1), an 

interaction exists (0 < 𝜆11 < 1), an interaction is very dangerous (𝜆11 < 0) (Luyben, 1989). 

 

5.3 Carbon Capture Unit 

5.3.1 CO2 Capture Process Description 

As shown in Figure 5.3, two main processes are in a carbon capture unit: The first one is an 

absorber where the flue gas is fed and contacted at the bottom of the absorption column with 

the mono ethanol amine (MEA) to produce stripped-CO2 gas exiting at the top of the column 

while the second one is a stripping column in which CO2-rich amine is preheated and 

regenerated at elevated temperature. Lean-CO2 MEA exiting from top of stripping column is 

cooled and fed to the absorption column while CO2 is captured at the top of stripping column 

for sequestration or used as a side stream product (Wilcox, 2012). After CO2 separation from 

the flue gas stream using a solvent, it is compressed and transported to suitable storage 

depending on the amount of CO2 (van Staelen et al., 2010).  
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Figure 5.2: A systematic diagram of the CO2 capture unit. 

5.3.2 Simplified CO2 Modelling 

CO2 emissions still represent a problematic issue, so finding optimal design and operation 

represent a crucial challenge for capturing CO2 (Kvamsdal et al., 2009). Carbon capture using 

an amine absorption unit has many advantages such as availability, a wide usage in industries 

and relatively inexpensive compared to the membrane separation technique (Meerman et al., 

2012; Tarun et al., 2012). One of the goals of using dynamic simulation is for improving the 

overall design and optimizing the operation. Kvamsdal et al. (2009) developed a dynamic 

model of the absorber to evaluate all operational challenges of the process and concluded that 

a dynamic-model absorber can be used to study operability in absorber columns. Posch & 

Haider (2013) described a dynamic simulation of the absorption unit using MEA solution in 

the absorption process as well inlet temperature of the flue gas, lean solvent of the absorption 

and flue gas flow as influencing variables in their simulation. Bui et al. (2013 & 2014) 
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examined effects of the variables such as CO2 lean solvent flow rate, % CO2 removal, MEA 

wt %, temperature, and pressure of the stripper and temperature of the inlet lean solvent in the 

absorber on performances of both absorption and stripping. A simplified model of CO2 capture 

consisted of material/energy balances in both absorption/stripping processes since the system 

is complex and has high interaction in optimal design and operating conditions. Balances of 

the absorption process are as follows: 

Total mass balance: 𝐿𝑇 + 𝑉𝐵 = 𝐿𝐵 + 𝑉𝑇                                                                           (5.15) 

Total heat balance: 𝐿𝑇𝐻𝐿𝑇 + 𝑉𝐵𝐻𝑉𝐵 = 𝐿𝐵𝐻𝐿𝐵 + 𝑉𝑇𝐻𝑉𝑇                                                     (5.16) 

Component balance of CO2: 𝐿𝑇𝑥𝑇,𝐶𝑂2 + 𝑉𝐵𝑦𝐵,𝐶𝑂2 = 𝐿𝐵𝑥𝐵,𝐶𝑂2 + 𝑉𝑇𝑦𝑇,𝐶𝑂2                       (6.17) 

while for stripping process, 

Total mass balance: 𝐿𝐵 + 𝐹𝑠𝑡𝑚 = 𝐿𝑇 + 𝐹𝐶𝑂2                                                                     (5.18) 

Total heat balance: 𝐿𝐵𝐻𝐿𝐵 + 𝐹𝑠𝑡𝑚𝐻𝑠𝑡𝑚 = 𝐿𝑇𝐻𝐿𝑇 + 𝐹𝐶𝑂2𝐻𝐶𝑂2                                           (5.19) 

Component balance of CO2:  

LTxT,CO2+ VByB,CO2 = LBxB,CO2+ VTyT,CO2                                                                          (5.20) 

The degree of capture is one of the criteria used to measure the efficiency of the carbon capture 

unit which is defined as follows (Dowell & Shah, 2014).  

𝐷𝑒𝑔𝑟𝑒𝑒 𝑜𝑓 𝑐𝑎𝑝𝑡𝑢𝑟𝑒 =  
𝐶𝑂2𝑔𝑒𝑛𝑒𝑟𝑎𝑡𝑒𝑑 𝑏𝑦 𝑎 𝑟𝑒𝑓𝑖𝑛𝑒𝑟𝑦 − 𝐶𝑂2𝑒𝑚𝑖𝑡𝑡𝑒𝑑 

𝐶𝑂2𝑔𝑒𝑛𝑒𝑟𝑎𝑡𝑒𝑑 𝑏𝑦 𝑎 𝑟𝑒𝑓𝑖𝑛𝑒𝑟𝑦
 

(5.21) 

Or, 

 Degree of capture =  
LTxT,CO2−VTyT,CO2

LTxT,CO2
                                                                              (5.22) 
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In optimization techniques, the objective function should be maximizing the % CC using the 

above equation, while equality constrains are material balance and component balance.   

The objective functions that can be used include: 

1- Maximizing degree of capture in an absorber. 

2- Minimizing MEA in an absorber to minimize the cost. 

3- Minimizing temperature in a stripper to minimize the heat exchanger duty. 

4- Maximizing temperature in a stripper to maximize captured CO2. 

The constraints can be the mass, component, and heat balances of CO2 for both absorption and 

stripping columns. The above criteria could be used to compare between two schemes (post-

combustion and oxy-combustion) using their flue gases as a feed to carbon capture unit. 

Nowadays, much research is presented to run the carbon capture in flexible operations. The 

main aim is to reduce the net cost of operation by using a renewable energy such as solar 

energy that is used to substitute for the energy in the reboiler of the stripper (Qadir et al., 2015). 

Typically, in a fixed operation of the capture plant, all variables (for example flow 

rates/temperatures of the gas and liquid phases) are considered to be at their nominal values 

while in a flexible one, some of these can be changed dynamically to run the process by 

reducing the CO2 capture level or the rate of spent solvent regeneration (Zaman & Lee, 2015; 

Zaman  et al., 2016). Qadir et al. (2015) developed reduced models to examine reboiler duty 

and auxiliary power requirement in the carbon capture plant. Zaman & Lee (2015) and Zaman 

et al. (2016) presented various modes of the optimization in a flexible operation for post-

combustion capture plant to optimize capture level and amount of the spent solvent. 
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5.4 Results and Discussion 

5.4.1 Dynamic Behaviors of the FCC Unit 

For the post-combustion system, Figures 5.4 & 5.5 show the dynamic responses of positive- 

and negative changes in the flow rates to study their effects on the temperatures. Some flow 

rates have considerable effects while others have sensible ones. Some increases are with 

positive changes while others decrease since majority of the change nature in these types 

takes step behavior. The aim of using step changes is to determine the nature of the 

relationship between flow rates and temperatures and the magnitude of the change; therefore, 

finding lower/upper limits of the flow rates to not run the FCC unit out of the minimum and 

maximum temperatures. For the oxy-combustion system, Figures 5.6-5.9 show the dynamic 

responses of positive- and negative changes in the flow rates to study their effects on the 

temperatures. Also, CO2 percentage in our results using a post-combustion system was 19.3 % 

which is closer to 14.2% (de Mello et al., 2013) and 13.5% (Fu & Anantharaman, 2017) while 

it was 93.6% using an oxy-combustion system/same heat comparing to 94.3% (de Mello et al., 

2013) and 94.1% (Fu & Anantharaman, 2017) as well as it was 93.6% using an oxy-

combustion system/same volume comparing to 94.8% (de Mello et al., 2013) and 91.7% (Fu 

& Anantharaman, 2017). To find the lower/upper limits from the dynamic responses, the 

following equations were employed for temperature responses which proportional to 

negative/positive changes in flowrates, 

𝐿𝐿𝑖 = 𝑚𝑜,𝑖 + 
 𝑇𝑜,𝑗−𝑇𝑚𝑖𝑛,𝑗 

𝑘𝑝𝑖,𝑗
                                                                                                      (5.34) 

𝑈𝐿𝑖 = 𝑚𝑜,𝑖 + 
 𝑇𝑚𝑎𝑥,𝑗−𝑇𝑜,𝑗 

𝑘𝑝𝑖,𝑗
                                                                                                    (5.35) 
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While for temperature responses which reverse to a negative/positive change in flowrates, 

𝐿𝐿𝑖 = 𝑚𝑜,𝑖 + 
 𝑇𝑚𝑎𝑥,𝑗−𝑇𝑜,𝑗 

𝑘𝑝𝑖,𝑗
                                                                                                    (5.36) 

𝑈𝐿𝑖 = 𝑚𝑜,𝑖 + 
 𝑇𝑜,𝑗−𝑇𝑚𝑖𝑛,𝑗 

𝑘𝑝𝑖,𝑗
                                                                                                    (5.37) 

where 𝑚𝑜,𝑖 and 𝑇𝑜,𝑗 are steady states for each flowrate and temperature respectively, 𝑇𝑚𝑖𝑛,𝑗 and 

𝑇𝑚𝑎𝑥,𝑗 are minimum and maximum temperatures for reactor/regenerator respectively, 𝐿𝐿𝑖 and 

𝑈𝐿𝑖 are lower and upper limits of the flowrates respectively. 

5.4.2 Optimization Technique of the FCC Unit 

Two different reactions take place inside the FCC unit: an endothermic reaction is in the reactor 

while an exothermic one in the regenerator which directly affect temperatures and other 

parameters. Therefore, keeping appropriate reactor/regenerator temperatures plays a key role 

in operating the FCC unit in a satisfactory performance. For the reactor, objective function: 

minimizing reactor temperature,  

Min 𝑇𝑟𝑒𝑐 = 𝑇𝑟𝑒𝑓 + [(𝑚𝑓𝑒𝑒𝑑𝐶𝑝𝑓𝑒𝑒𝑑𝑇𝑓𝑒𝑒𝑑 +  𝑚𝑟𝑒𝑔𝑐𝑎𝑡𝐶𝑝𝑟𝑒𝑔𝑐𝑎𝑡𝑇𝑟𝑒𝑔 +𝑚𝑓𝑒𝑒𝑑∆𝐻𝑟𝑥𝑛 −

0.02 𝑚𝑟𝑒𝑔𝑐𝑎𝑡𝐶𝑝𝑟𝑒𝑔𝑐𝑎𝑡𝑇𝑟𝑒𝑔)/(𝑚𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝑠𝐶𝑝𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝑠 +𝑚𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝑒𝑠𝐶𝑝𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝑒𝑠)]               (5.38) 

Equality constraints: 

𝑚𝑓𝑒𝑒𝑑 +𝑚𝑟𝑒𝑔𝑐𝑎𝑡 −𝑚𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝑠 −  𝑚𝑠𝑝𝑑𝑐𝑎𝑡−𝑚𝑠𝑡𝑒𝑎𝑚 = 0                                                    (5.39)                                                                   

Side constraints are in Table 5.1. 
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For the post-combustion regenerator, objective function: minimizing regenerator temperature,  

Min 𝑇𝑟𝑒𝑔 = 𝑇𝑟𝑒𝑓 + [(𝑚𝑎𝑖𝑟𝐶𝑝𝑎𝑖𝑟(𝑇𝑎𝑖𝑟 − 𝑇𝑟𝑒𝑓) + 𝑚𝑠𝑝𝑑𝑐𝑎𝑡𝐶𝑝𝑠𝑝𝑑𝑐𝑎𝑡(𝑇𝑟𝑒𝑐 − 𝑇𝑟𝑒𝑓) −

𝑚𝑐𝑜𝑘𝑒∆𝐻𝑐𝑜𝑚𝑏𝑥𝑛− 0.04 𝑚𝑐𝑜𝑘𝑒∆𝐻𝑐𝑜𝑚𝑏𝑥𝑛)/(𝑚𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝑒𝑠𝐶𝑝𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝑒𝑠 +𝑚𝑟𝑒𝑔𝑐𝑎𝑡𝐶𝑝𝑟𝑒𝑔𝑐𝑎𝑡)] 

(5.44) 

Equality constraints: 

𝑚𝑎𝑖𝑟 +𝑚𝑠𝑝𝑑𝑐𝑎𝑡 −𝑚𝑓𝑒𝑒𝑑 −𝑚𝑟𝑒𝑔𝑐𝑎𝑡 = 0                                                                               (5.40) 

Side constraint are in Table 5.2. 

For the oxy-combustion regenerator/same heat, objective function: minimizing regenerator 

temperature,  

Min 𝑇𝑟𝑒𝑔 = 𝑇𝑟𝑒𝑓 + [(𝑚𝑜𝑥𝑦𝐶𝑝𝑎𝑖𝑟(𝑇𝑎𝑖𝑟 − 𝑇𝑟𝑒𝑓) + 𝑚𝑠𝑝𝑑𝑐𝑎𝑡𝐶𝑝𝑠𝑝𝑑𝑐𝑎𝑡(𝑇𝑟𝑒𝑐 − 𝑇𝑟𝑒𝑓) −

𝑚𝑐𝑜𝑘𝑒∆𝐻𝑐𝑜𝑚𝑏𝑥𝑛− 0.04 𝑚𝑐𝑜𝑘𝑒∆𝐻𝑐𝑜𝑚𝑏𝑥𝑛)/(𝑚𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝐶𝑝𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝑒𝑠 +𝑚𝑟𝑒𝑔𝑐𝑎𝑡𝐶𝑝𝑟𝑒𝑔𝑐𝑎𝑡)]      

(5.41) 

Equality constraints: 

𝑚𝑜𝑥𝑦 +𝑚𝑠𝑝𝑑𝑐𝑎𝑡 −𝑚𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝑒𝑠 −𝑚𝑟𝑒𝑔𝑐𝑎𝑡 = 0                                                                              (5.42) 

Side constraints: as in Table 5.2. 

For the oxy-combustion regenerator/same volume, objective function: minimizing regenerator 

temperature,  

Min 𝑇𝑟𝑒𝑔 = 𝑇𝑟𝑒𝑓 + [(𝑚𝑜𝑥𝑦𝐶𝑝𝑎𝑖𝑟(𝑇𝑎𝑖𝑟 − 𝑇𝑟𝑒𝑓) + 𝑚𝑠𝑝𝑑𝑐𝑎𝑡𝐶𝑝𝑠𝑝𝑑𝑐𝑎𝑡(𝑇𝑟𝑒𝑐 − 𝑇𝑟𝑒𝑓) −

𝑚𝑐𝑜𝑘𝑒∆𝐻𝑐𝑜𝑚𝑏𝑥𝑛− 0.04 𝑚𝑐𝑜𝑘𝑒∆𝐻𝑐𝑜𝑚𝑏𝑥𝑛)/(𝑚𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝐶𝑝𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝑒𝑠 +𝑚𝑟𝑒𝑔𝑐𝑎𝑡𝐶𝑝𝑟𝑒𝑔𝑐𝑎𝑡)]   (5.43) 

Equality constraints:  

𝐹𝑜𝑥𝑦 + 𝐹𝑠𝑝𝑑𝑐𝑎𝑡 − 𝐹𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝑒𝑠 − 𝐹𝑟𝑒𝑔𝑐𝑎𝑡 = 0                                                                               (5.44) 
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Side constraints: as in Table 5.2. 

Tables 5.3 & 5.4 represent optimal values of the post- and oxy-combustion systems 

respectively. 

5.4.3 RGA of the FCC Unit 

15 combinations of the RGA were found in the FCC system as shown in Tables 5.5 & 5.6. 

Only 8 cases were accepted because of their interactions according to their RGA’s values. For 

the post-combustion system, the values are as follows:  

𝑘𝑝 = [
0.98 4.65
1.65 2.95

−1.69 −6.63
−2.84 −4.22

1.10 −0.85
−1.23 −0.87

] × 10−2 

While for the oxy-combustion system of both constant heat and volume are as follows:  

𝑘𝑝 = [
1.01 4.65
1.70 2.95

−1.71 −6.63
−2.86 −4.22

1.10 −0.85
−1.23 −0.87

] × 10−2 

 

It can be observed from RGA results that some flowrates have large effects on 

reactor/regenerator temperatures such as flowrates of air, regenerated catalyst and spent 

catalyst.  
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(b) 

Figure 5.3: Temperatures responds by a positive change in the post-combustion system for (a) reactor and 

(b) regenerator. 
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(a) 

 

 

 

 

 

 

 

 

 

 

 

(b) 

Figure 5.4: Temperatures responds by a negative change in the post-combustion system for (a) reactor and 

(b) regenerator. 
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(b) 

Figure 5.5: Temperatures responds by a positive change in the oxy-combustion system/same heat for (a) 

reactor and (b) regenerator. 
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(b) 

Figure 5.6: Temperatures responds by a negative change in the oxy-combustion system/same heat for (a) 

reactor and (b) regenerator. 
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(b) 

Figure 5.7: Temperatures responds by a positive change in the oxy-combustion system/same volume for (a) 

reactor and (b) regenerator. 
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(b) 

Figure 5.8: Temperatures responds by a negative change in the oxy-combustion system /same volume for 

(a) reactor and (b) regenerator. 
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Table 5.1: Lower/Upper limits of the reactor using post- and oxy-combustion systems. 

Limits Air/Oxygen Feed Flue Gases Products Regenerated Catalyst Spent Catalyst 

Post-combustion 

Lower 636.83 4,420.6 948.78 4,201.0 20,983.0 18,493.0 

Upper 7,667.2 5,905.1 5,029.9 5,241.6 27,233.0 26,597.0 

Oxy-combustion / same heat 

Lower 715.92 4,420.6 1,006.4 4,201.0 20,982.0 18,460.0 

Upper 7,536.4 5,905.1 5,052.7 5241.6 27,233.0 26,617.0 

Oxy-combustion / same volume 

Lower 714.7 4,420.6 969.32 4021.0 20,982.0 18,460.0 

Upper 7,538.4 5,905.1 5,017.4 5,241.6 27,233.0 26,617.0 

All values are in kg/min. 

 

 

Table 5.2: Lower/Upper limits of the regenerator using post- and oxy-combustion systems. 

Limits Air/Oxygen Feed Flue Gases Products Regenerated Catalyst Spent Catalyst 

Post-combustion 

Lower 921.08 3,660.0 2,928.9 4,469.9 22,039.0 19,037.0 

Upper 7,667.2 5,905.1 5,029.9 5,241.6 27,233.0 26,597.0 

Oxy-combustion / same heat 

Lower 990.83 3,660.0 2969.4 4,469.9 33,039.0 19,037.0 

Upper 7,536.4 5,905.1 5,052.7 5,241.6 27,233.0 26,617.0 

Oxy-combustion / same volume 

Lower 989.73 3,660.0 2,933.2 4,469.9 22,039.0 19,037.0 

Upper 7,538.4 5,905.1 5,017.6 5,241.6 27,233.0 26,617.0 

All values are in kg/min. 
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Table 5.3: Optimal values of the reactor using post- and oxy-combustion systems. 

Feed Products Regenerated Catalyst Spent Catalyst Feed Temperature 

Post-combustion 

4420.6 5241.6 20,982 26,597 204 

Oxy-combustion / same heat 

4420.6 5241.6 20,982 26,617 204 

Oxy-combustion / same volume 

4420.6 5241.6 20,982 26,617 204 

 

Table 5.4: Optimal values of the regenerator using post- and oxy-combustion systems. 

Air/ Oxygen Flue Gases Regenerated Catalyst Spent Catalyst Air/Oxygen Temperature 

Post-combustion 

3286 3492.1 23337 23543 450 

Oxy-combustion / same heat 

3286 3528 23337 23543 450 

Oxy-combustion / same volume 

3280 3492.1 23337 23543 450 

All values are in kg/min except temperature is in oC. 

 

Table 5.5: RGA values using a post-combustion system. 

𝑅𝐺𝐴1 = 

𝑚𝑎𝑖𝑟  𝑚𝑟𝑔

[
0.400 0.600
0.600 0.400

]
 𝑇𝑟𝑒𝑐
 𝑇𝑟𝑒𝑔

 

 

𝑅𝐺𝐴2 = 

𝑚𝑎𝑖𝑟  𝑚𝑠

[
0.377 0.623
0.623 0.377

]
 𝑇𝑟𝑒𝑐
 𝑇𝑟𝑒𝑔

 

 

𝑅𝐺𝐴3 = 

𝑚𝑓𝑒𝑒𝑑 𝑚𝑟𝑔

[
0.637 0.363
0.363 0.637

]
 𝑇𝑟𝑒𝑐
 𝑇𝑟𝑒𝑔

 

 

𝑅𝐺𝐴4 = 

𝑚𝑓𝑒𝑒𝑑   𝑚𝑠

[
0.615 0.385
0.385 0.615

]
 𝑇𝑟𝑒𝑐
 𝑇𝑟𝑒𝑔

 

 

𝑅𝐺𝐴5 = 

𝑚𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝑒𝑠 𝑚𝑟𝑔

[
0.400 0.600
0.600 0.400

]
 𝑇𝑟𝑒𝑐
 𝑇𝑟𝑒𝑔

 

 

𝑅𝐺𝐴6 = 

𝑚𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝑒𝑠 𝑚𝑠

[
0.377 0.623
0.623 0.377

]
 𝑇𝑟𝑒𝑐
 𝑇𝑟𝑒𝑔

 

 

𝑅𝐺𝐴7 = 

𝑚𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝑠 𝑚𝑟𝑔

[
0.637 0.363
0.363 0.637

]
 𝑇𝑟𝑒𝑐
 𝑇𝑟𝑒𝑔

 

 

𝑅𝐺𝐴8 = 

𝑚𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝑠 𝑚𝑠

[
0.615 0.385
0.385 0.615

]
 𝑇𝑟𝑒𝑐
 𝑇𝑟𝑒𝑔
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Table 5.6: RGA values using an oxy-combustion system of both same heat and volume. 

𝑅𝐺𝐴1 = 

𝑚𝑜𝑥𝑦  𝑚𝑟𝑔

[
0.400 0.600
0.600 0.400

]
 𝑇𝑟𝑒𝑐
 𝑇𝑟𝑒𝑔

 

 

𝑅𝐺𝐴2 = 

𝑚𝑜𝑥𝑦  𝑚𝑠

[
0.378 0.622
0.622 0.378

]
 𝑇𝑟𝑒𝑐
 𝑇𝑟𝑒𝑔

 

 

𝑅𝐺𝐴3 = 

𝑚𝑓𝑒𝑒𝑑 𝑚𝑟𝑔

[
0.637 0.363
0.363 0.637

]
 𝑇𝑟𝑒𝑐
 𝑇𝑟𝑒𝑔

 

 

𝑅𝐺𝐴4 = 

𝑚𝑓𝑒𝑒𝑑  𝑚𝑠

[
0.616 0.384
0.384 0.616

]
 𝑇𝑟𝑒𝑐
 𝑇𝑟𝑒𝑔

 

 

𝑅𝐺𝐴5 = 

𝑚𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝑒𝑠 𝑚𝑟𝑔

[
0.400 0.600
0.600 0.400

]
 𝑇𝑟𝑒𝑐
 𝑇𝑟𝑒𝑔

 

 

𝑅𝐺𝐴6 = 

𝑚𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝑒𝑠 𝑚𝑠

[
0.378 0.622
0.622 0.378

]
 𝑇𝑟𝑒𝑐
 𝑇𝑟𝑒𝑔

 

 

𝑅𝐺𝐴7 = 

𝑚𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝑠 𝑚𝑟𝑔

[
0.637 0.363
0.363 0.637

]
 𝑇𝑟𝑒𝑐
 𝑇𝑟𝑒𝑔

 

 

𝑅𝐺𝐴8 = 

𝑚𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝑠 𝑚𝑠

[
0.616 0.384
0.384 0.616

]
 𝑇𝑟𝑒𝑐
 𝑇𝑟𝑒𝑔

 

 

 

 

 

5.5 Conclusions 

From the results of this chapter, the following conclusions can be drawn: 

1. An oxy-combustion system can be used instead of a post-combustion one since the 

system showed stability. 

2. The oxy-combustion system resulted in reduced CO2 emissions as is well known.  

3. RGA can be used as a criterion to indicate the most effective variable in the FCC units. 
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Chapter 6: 

Conclusions and Recommendations for Future Work 

The following conclusions can be drawn from the thesis: 

1. According to the capacities and percentages of ammonia removal results, the 

adsorption kinetics were very fast for the acidic resins while relatively slow for the 

neutral or basic zeolites.   

2. The studied adsorbents have capacities approximately in the range from 0.2 to 0.4 

mg/g for target concentrations of 1 mg/L ammonia or less. 

3. HCl and NaOH can be used in a desorption process of the LEWATIT and AZLB-Na 

respectively.  

4. An oxy-combustion system is an effective way to reduce carbon dioxide emissions 

because the process is flexible and stable and CO2 reduction could be in the range 

90-95 %.  

 

The following recommendations can be drawn from the thesis: 

1. Examining other types of resins/zeolites for ammonia removal from wastewaters 

using the same procedure as in this thesis, Also, studying other physical and chemical 

properties in more detail such as particle size, surface area, porosity, etc. may result 

in better understanding of the mechanisms and limitations. 

2. Studying other isotherms such as Bangham, Elovich, interparticle diffusion, and 

Tempkin, especially three-parameter isotherms such as Hill, Sips, and Toth, and 
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kinetics in the batch process to describe behaviors of the adsorbents that were used 

in this thesis in both cases linear and non-linear. 

3. Studying other models such as Clark, Wolboroska and Yoon-Nelson in the 

continuous process to describe breakthrough analysis in both linear and non-linear. 

4. Studying side effects of using adsorbents by trying various parameters for 

regenerating resins and zeolites such as different flowrates, concentration, flow 

directions, regenerants (NaCl or H2SO4) for resins and regenerant (NaCl) for zeolites. 

Also, finding appropriate treatments of the wastewater pH after adding adsorbents 

since resins make pH acidic while zeolites make it basic.  

5. Using Multi-objective optimization in implementing carbon capture in FCC units, 

for example, objective functions can be maximizing conversion and minimizing 

coke.   
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Appendix A: 

Adsorption Process and Photolysis of Ammonia 

First Group 

Dowex Purolite MN500 Purolite C104Plus 

    

Purolite C100H  Zeolite NM-Ca Zeolite NV-Na 

   

Second Group 

Zeolite AZLB-Na Zeolite NV-Na *TM 

Ammonia Specific 

Zeolite AZLB-Ca 
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DIAION PK228 DIAION SK1B DIAION PK216 

   

Tulsion T-42 Na N-B1-TX Tulsion T-52 Na BCN-B1-TX  LEWATIT monoPlus S 108 H  

KMI Zeolite  

  

Figure A.1: Adsorbents (Resins/Zeolites). 
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Figure A.2: (Left) Spectrophotometer & (Right) pH meter. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure A.3: (Left) Ace column, (Middle) A systematic diagram of the flow process using the Ace column and 

(Right) A systematic diagram of the flow process using the mini-column. 
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Figure A.4: A calibration of the peristaltic pump.  
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Table A.1: Some specifications of the adsorbents (resins/zeolites). 

No. Trade Name Chemical Name Type pH 

First Group 

1 
DowexTM 50Wx8 

50-100 Mesh 

Sulfonated polymer of styrene, ethylstyrene and 

divnylbenzene in the hydrogen form 
Resin Acidic 

2 Purolite MN500 Polystyrene sulfonic acid Resin Acidic 

3 Purolite C104Plus Polyacrylic acid Resin Acidic 

4 Purolite C100H Polystyrene sulfonic acid Resin Acidic 

5 NM-Ca 14×40 Mesh Potassium Aluminosilicate Zeolite Basic 

6 NV-Na 14×40 Mesh Potassium Aluminosilicate Zeolite Basic 

Second Group 

7 
AZLB-Na 14×50 

Mesh 
Anhydrous Sodium Aluminosilicate Zeolite Basic 

8 
NV-Na *TM 14×40 

Mesh 
Hydrous Sodium Aluminosilicate Zeolite Basic 

9 
AZLB-Ca 14×50 

Mesh 
Hydrous Calcium Sodium Aluminosilicate Zeolite Basic 

10 DIAION PK228 
Benzene, diethenyl-, polymer with ethenylbenzene and 

ethenylethylbenzene sulfonated, sodium salts 
Resin Acidic 

11 DIAION SK1B 
Benzene, diethenyl-, polymer with ethenylbenzene and 

ethenylethylbenzene sulfonated, sodium salts 
Resin Acidic 

12 DIAION PK216 
Benzene, diethenyl-, polymer with ethenylbenzene and 

ethenylethylbenzene sulfonated, sodium salts 
Resin Acidic 

13 
Tulsion T-42 Na N-

B1-TX 

Styrene-divinylbemzene copolymer with sulpheric acid 

group in the sodium form 
Resin Acidic 

14 
Tulsion T-52 Na 

BCN-B1-TX 

Sulfonated copolymer of styrene and dininylbenzene in the 

sodium form 
Resin Acidic 

15 
LEWATIT 

monoPlus S 108 H 

Benzene, diethenyl-, polymer with ethenylbenzene and 

ethenylethylbenzene sulfonated 
Resin Acidic 

16 KMI Zeolite 12×20 
Potassium Sodium Magnesium Calcium Aluminosilicate 

mineral 
Zeolite Basic 
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Table A.2: Adsorption data of the selected adsorbents using synthetic waster. 

Time Capacity, mg/g % removal pH 

Dowex 

0 1.220 0 7.00 

0.1 0.445 64.28 3.27 

5 0.007 99.37 2.98 

10 0 100 2.95 

20 0 100 2.95 

30 0 100 2.95 

60 0 100 2.95 

120 0 100 2.95 

180 0 100 2.95 

AZLB-NA 

0 1.220 0 7.00 

0.1 0.703 43.6 7.43 

5 0.140 88.72 8.07 

10 0.078 93.73 8.14 

20 0.062 94.99 8.24 

30 0.054 95.61 8.25 

60 0.031 97.49 8.26 

120 0.023 98.12 8.26 

180 0.023 98.12 8.26 

LEWATIT 

0 1.220 0 7.00 

0.1 0.594 52.37 3.69 

5 0.046 96.24 3.17 

10 0 100 3.17 

20 0 100 3.17 

30 0 100 3.17 

60 0 100 3.17 

120 0 100 3.17 

180 0 100 3.17 

NV-NA 

0 1.220 0 7.00 

0.1 0.672 46.11 7.22 

5 0.461 63.03 7.45 

10 0.117 90.6 7.59 

20 0.046 96.24 7.71 

30 0.023 98.12 7.80 

60 0.015 98.75 7.96 

120 0 100 7.96 

180 0 100 7.96 
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Table A.3: Cont’d Table A-2. 

Time, min Capacity, mg/g % removal pH 

PK216 

0 1.219 0 7.00 

0.1 0.711 42.98 6.45 

5 0.547 56.14 6.39 

10 0.406 67.42 6.36 

20 0.359 71.18 6.31 

30 0.273 78.07 6.25 

60 0.023 98.12 6.11 

120 0.007 99.37 6.04 

180 0 100 6.04 

SKIB 

0 1.220 0 7.00 

0.1 0.742 40.47 6.42 

5 0.555 55.51 6.32 

10 0.430 65.53 6.24 

20 0.258 79.32 6.21 

30 0.195 84.33 6.21 

60 0.132 89.35 6.06 

120 0.062 94.99 6.06 

180 0.031 97.49 6.06 

 

 

 

 

 

 

 

 

 



 

 123 

Table A.4: Adsorption data of the selected adsorbents using real waster. 

Time Capacity % removal pH 

Dowex 

0 2.721 0 7.68 

2.5 0.143 94.71 2.01 

5 0.139 94.86 1.97 

10 0.139 94.86 1.97 

20 0.139 94.86 1.97 

30 0.139 94.86 1.97 

60 0.139 94.86 1.97 

120 0.139 94.86 1.97 

180 0.139 94.86 1.97 

AZLB-NA 

0 2.721 0 7.68 

5 0.411 84.88 7.93 

10 0.287 89.43 7.97 

20 0.215 92.07 8.02 

30 0.187 93.10 8.03 

60 0.135 95.01 8.03 

120 0.107 96.04 8.03 

180 0.107 96.04 8.03 

LEWATIT 

0 2.721 0 7.68 

2.5 0.387 85.76 2.16 

5 0.287 89.43 2.13 

10 0.179 93.39 2.04 

20 0.179 93.39 1.99 

30 0.179 93.39 1.99 

60 0.179 93.39 1.99 

120 0.179 93.39 1.99 

180 0.179 93.39 1.99 

NV-NA 

0 2.721 0 7.68 

5 0.599 77.97 7.87 

10 0.463 82.97 7.92 

20 0.367 86.49 7.94 

30 0.291 89.28 7.95 

60 0.219 91.92 7.97 

120 0.159 94.13 7.98 

180 0.135 95.01 7.98 
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Table A.5: Cont’d Table A-4. 

Time, min Capacity, mg/g % removal pH 

PK216 

0 2.721 0 7.68 

5 0.447 83.55 6.60 

10 0.311 88.55 7.00 

20 0.247 90.9 7.01 

30 0.243 91.04 7.06 

60 0.243 91.04 7.11 

120 0.243 91.04 7.15 

180 0.255 90.6 7.21 

SKIB 

0 2.721 0 7.68 

5 0.399 85.32 6.69 

10 0.295 89.13 6.94 

20 0.255 90.6 7.05 

30 0.251 90.75 7.05 

60 0.247 90.9 7.07 

120 0.247 90.9 7.10 

180 0.247 90.9 7.15 
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Appendix B: 

CO2 Emissions Management in a FCC Unit 

Table B.1: FCC unit data. 

  

 

 

 

 

 

 

 

Influencing variables  

at steady state 

Mass flow rates  

(kg/min) 

Specific heat  

(kJ/kg.oC) 

Temperature 

 (oC) 

Feed 4,980.0 3.266 312 

Fresh catalyst 233.37 1.193 312 

Products 4,849.5 3.639 522 

Regenerated catalyst 23,337.0 1.193 720 

Spent catalyst 23,543.0 1.197 522 

Coke 206.0 1.670 522 

Steam 75.599 1.97 522 

Post-combustion 

Air 3,286.0 1.015 450 

Flue gases 3,492.1 1.093 720 

Oxy-combustion/same heat 

Oxygen 3,321.9 1.046 450 

Flue gases 3,528.0 1.026 720 

Oxy-combustion/same volume 

Oxygen 3280.0 1.046 450 

Flue gases 3,492.1 1.102 720 
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Table B.2: Matrices A & B. 

𝑎11 = 
𝜕𝑓1
𝜕𝑇𝑟𝑒𝑐

= 

 
−𝐹𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝐶𝑝𝑝𝑟𝑜𝑑𝑢𝑐𝑡  − 𝐹𝑠𝑝𝑑𝑐𝑎𝑡𝐶𝑝𝑠𝑝𝑑𝑐𝑎𝑡

𝑀𝑠𝑝𝑑𝑐𝑎𝑡𝐶𝑝𝑠𝑝𝑑𝑐𝑎𝑡 +𝑀𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝐶𝑝𝑝𝑟𝑜𝑑𝑢𝑐𝑡
 

𝑎12 = 
𝜕𝑓1
𝜕𝑇𝑟𝑒𝑔

 

= 
𝐹𝑟𝑒𝑔𝑐𝑎𝑡𝐶𝑝𝑟𝑒𝑔𝑐𝑎𝑡

𝑀𝑠𝑝𝑑𝑐𝑎𝑡𝐶𝑝𝑠𝑝𝑑𝑐𝑎𝑡 +𝑀𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝐶𝑝𝑝𝑟𝑜𝑑𝑢𝑐𝑡
 

𝑎21 =  
𝜕𝑓2
𝜕𝑇𝑟𝑒𝑐

= 
𝐹𝑠𝑝𝑑𝑐𝑎𝑡𝐶𝑝𝑠𝑝𝑑𝑐𝑎𝑡

𝑀𝑟𝑒𝑔𝑐𝑎𝑡𝐶𝑝𝑠𝑝𝑑𝑐𝑎𝑡 +𝑀𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝐶𝑝𝑓𝑙𝑢𝑒𝑔𝑎𝑠
 𝑎22 =  

𝜕𝑓2
𝜕𝑇𝑟𝑒𝑔

=  
−𝐹𝑠𝑝𝑑𝑐𝑎𝑡𝐶𝑝𝑠𝑝𝑑𝑐𝑎𝑡 − 𝐹𝑓𝑒𝑒𝑑𝐶𝑝𝑓𝑒𝑒𝑑

𝑀𝑟𝑒𝑔𝑐𝑎𝑡𝐶𝑝𝑠𝑝𝑑𝑐𝑎𝑡 +𝑀𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝐶𝑝𝑓𝑙𝑢𝑒𝑔𝑎𝑠
 

𝑏11 = 
𝜕𝑓1
𝜕𝐹𝑎𝑖𝑟

= 
 0

𝑀𝑠𝑝𝑑𝑐𝑎𝑡𝐶𝑝𝑠𝑝𝑑𝑐𝑎𝑡 +𝑀𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝐶𝑝𝑝𝑟𝑜𝑑𝑢𝑐𝑡
 𝑏21 = 

𝜕𝑓2
𝜕𝐹𝑎𝑖𝑟

=  
𝐶𝑝𝑎𝑖𝑟𝑇𝑎𝑖𝑟

𝑀𝑟𝑒𝑔𝑐𝑎𝑡𝐶𝑝𝑟𝑒𝑔𝑐𝑎𝑡 +𝑀𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝐶𝑝𝑓𝑙𝑢𝑒𝑔𝑎𝑠
 

𝑏12 = 
𝜕𝑓1
𝜕𝐹𝑓𝑒𝑒𝑑

= 
𝐶𝑝𝑓𝑒𝑒𝑑𝑇𝑓𝑒𝑒𝑑 + ∆𝐻𝑅𝑥𝑛

𝑀𝑠𝑝𝑑𝑐𝑎𝑡𝐶𝑝𝑠𝑝𝑑𝑐𝑎𝑡 +𝑀𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝐶𝑝𝑝𝑟𝑜𝑑𝑢𝑐𝑡
 𝑏22 = 

𝜕𝑓2
𝜕𝐹𝑓𝑒𝑒𝑑

=  
 0

𝑀𝑟𝑒𝑔𝑐𝑎𝑡𝐶𝑝𝑟𝑒𝑔𝑐𝑎𝑡 +𝑀𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝐶𝑝𝑓𝑙𝑢𝑒𝑔𝑎𝑠
 

𝑏13 = 
𝜕𝑓1

𝜕𝐹𝑓𝑙𝑢𝑒𝑔𝑎𝑠

= 
𝐶𝑝𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝑇𝑓𝑙𝑢𝑒𝑔𝑎𝑠

𝑀𝑠𝑝𝑑𝑐𝑎𝑡𝐶𝑝𝑠𝑝𝑑𝑐𝑎𝑡 +𝑀𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝐶𝑝𝑝𝑟𝑜𝑑𝑢𝑐𝑡
 

𝑏23 = 
𝜕𝑓2

𝜕𝐹𝑓𝑙𝑢𝑒𝑔𝑎𝑠

= 
−𝐶𝑝𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝑇𝑟𝑒𝑔

𝑀𝑟𝑒𝑔𝑐𝑎𝑡𝐶𝑝𝑟𝑒𝑔𝑐𝑎𝑡 +𝑀𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝑔𝐶𝑝𝑓𝑙𝑢𝑒𝑔𝑎𝑠
 

𝑏14 = 
𝜕𝑓1

𝜕𝐹𝑝𝑟𝑜𝑑𝑢𝑐𝑡

= 
−𝐶𝑝𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝑇𝑟𝑒𝑐

𝑀𝑠𝑝𝑑𝑐𝑎𝑡𝐶𝑝𝑠𝑝𝑑𝑐𝑎𝑡 +𝑀𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝐶𝑝𝑝𝑟𝑜𝑑𝑢𝑐𝑡
 

 

𝑏24 = 
𝜕𝑓2

𝜕𝐹𝑝𝑟𝑜𝑑𝑢𝑐𝑡

= 
0

𝑀𝑟𝑒𝑔𝑐𝑎𝑡𝐶𝑝𝑟𝑒𝑔𝑐𝑎𝑡 +𝑀𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝑔𝐶𝑝𝑓𝑙𝑢𝑒𝑔𝑎𝑠
 

𝑏15 = 
𝜕𝑓1

𝜕𝐹𝑟𝑒𝑔𝑐𝑎𝑡

= 
𝐶𝑝𝑟𝑒𝑔𝑐𝑎𝑡𝑇𝑟𝑒𝑔

𝑀𝑠𝑝𝑑𝑐𝑎𝑡𝐶𝑝𝑠𝑝𝑑𝑐𝑎𝑡 +𝑀𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝐶𝑝𝑝𝑟𝑜𝑑𝑢𝑐𝑡
 

𝑏25 = 
𝜕𝑓2

𝜕𝐹𝑟𝑒𝑔𝑐𝑎𝑡

= 
−𝐶𝑝𝑟𝑒𝑔𝑐𝑎𝑡𝑇𝑟𝑒𝑔𝑐𝑎𝑡

𝑀𝑟𝑒𝑔𝑐𝑎𝑡𝐶𝑝𝑟𝑒𝑔𝑐𝑎𝑡 +𝑀𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝑔𝐶𝑝𝑓𝑙𝑢𝑒𝑔𝑎𝑠
 

𝑏16 = 
𝜕𝑓1

𝜕𝐹𝑠𝑝𝑑𝑐𝑎𝑡

= 
−𝐶𝑝𝑠𝑝𝑑𝑐𝑎𝑡𝑇𝑟𝑒𝑐

𝑀𝑠𝑝𝑑𝑐𝑎𝑡𝐶𝑝𝑠𝑝𝑑𝑐𝑎𝑡 +𝑀𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝐶𝑝𝑝𝑟𝑜𝑑𝑢𝑐𝑡
 

𝑏26 = 
𝜕𝑓2

𝜕𝐹𝑠𝑝𝑑𝑐𝑎𝑡

= 
𝐶𝑝𝑠𝑝𝑑𝑐𝑎𝑡𝑇𝑟𝑒𝑐

𝑀𝑟𝑒𝑔𝑐𝑎𝑡𝐶𝑝𝑟𝑒𝑔𝑐𝑎𝑡 +𝑀𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝑔𝐶𝑝𝑓𝑙𝑢𝑒𝑔𝑎𝑠
 

𝑏17 = 
𝜕𝑓1
𝜕𝑇𝑎𝑖𝑟

= 
0

𝑀𝑠𝑝𝑑𝑐𝑎𝑡𝐶𝑝𝑠𝑝𝑑𝑐𝑎𝑡 +𝑀𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝐶𝑝𝑝𝑟𝑜𝑑𝑢𝑐𝑡
 𝑏27 = 

𝜕𝑓2
𝜕𝑇𝑎𝑖𝑟

=  
𝐶𝑝𝑎𝑖𝑟𝐹𝑎𝑖𝑟

𝑀𝑟𝑒𝑔𝑐𝑎𝑡𝐶𝑝𝑟𝑒𝑔𝑐𝑎𝑡 +𝑀𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝑔𝐶𝑝𝑓𝑙𝑢𝑒𝑔𝑎𝑠
 

𝑏18 = 
𝜕𝑓1
𝜕𝑇𝑓𝑒𝑒𝑑

= 
𝑓𝑓𝑒𝑒𝑑𝐶𝑝𝑓𝑒𝑒𝑑

𝑀𝑠𝑝𝑑𝑐𝑎𝑡𝐶𝑝𝑠𝑝𝑑𝑐𝑎𝑡 +𝑀𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝐶𝑝𝑝𝑟𝑜𝑑𝑢𝑐𝑡
 

 

𝑏28 = 
𝜕𝑓2
𝜕𝑇𝑓𝑒𝑒𝑑

=  
 0

𝑀𝑟𝑒𝑔𝑐𝑎𝑡𝐶𝑝𝑟𝑒𝑔𝑐𝑎𝑡 +𝑀𝑓𝑙𝑢𝑒𝑔𝑎𝑠𝑔𝐶𝑝𝑓𝑙𝑢𝑒𝑔𝑎𝑠
 

 

 

 

 


