
Simulation and Techno-Economic Analysis of 

Pressurized Oxy-Fuel Combustion of Petroleum Coke 

 

by 

 

Hachem Hamadeh 

 

A thesis 

presented to the University of Waterloo 

in fulfillment of the 

thesis requirement for the degree of 

Master of Applied Science 

in 

Chemical Engineering 

 

 

Waterloo, Ontario, Canada, 2018 

© Hachem Hamadeh 2018 



ii  

 

Authorôs Declaration 

I hereby declare that I am the sole author of this thesis. This is a true copy of the thesis, 

including any required final revisions, as accepted by my examiners. 

I understand that my thesis may be made electronically available to the public. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 



iii  

 

Abstract 

The research presented in this thesis was part of the International Partnership for 

Carbon Neutral Combustion, which was sponsored by King Abdulla University of Science 

and Technology. The thesis focuses on oxy-fuel combustion under pressurized conditions 

and assesses the technical and economic viability of combusting petroleum coke (petcoke) 

for electricity generation, while capturing CO2. The technical evaluation was conducted 

through simulating, in Aspen PlusTM, an oxy-combustion power plant that uses petcoke as 

fuel. The basis for all simulations was a constant heat input of 1877 MWth, while a 3% (on 

dry basis) excess oxygen was maintain in the flue gas along with an adiabatic flame-

temperature of 1866°C. Comparisons with the oxy-combustion of Illinois No. 6 coal 

showed that oxy-coal combustion was 0.6% points (on HHV basis) more efficient than 

oxy-petcoke combustion (29.0% versus 29.6%). However, operating oxy-petcoke 

combustion at elevated pressures improved the net efficiency to a maximum of just over 

29.8% (on HHV basis) at 10 bar. A sensitivity analysis on the impact of operating pressure 

was conducted on the fuel intake, O2 required, recycle ratio and removal ratio of SOx and 

NOx via flash distillation; along with how the operating pressure within the carbon capture 

unit affects the recovery and purity of the CO2 being separated. The sensitivity analysis 

showed that pressure had minimal impact on the fuel intake and O2 required but affected 

recycle ratio by up to 3% points, while increasing pressure improved the removal ratio of 

SOx and NOx. As for the operating pressure of the carbon capture unit, the recovery and 

purity of the CO2 produced was preferred at 35 bar. In addition, a modification to the steam 

cycle is presented that utilizes the latent heat of the flue gas to heat the feed water, which 

improves the net efficiency of the power plant at all pressures by 1.9% points. 
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As for the economic evaluation, the oxy-petcoke combustion power plant was 

assumed to be built in the US and in KSA. The levelized cost of electricity (LCOE) for 

oxy-coal combustion was 11.6 ¢/kWh (in 2017 USD) compared to 10.4 ¢/kWh and 6.5 

¢/kWh for atmospheric oxy-petcoke combustion in the US and in KSA, respectively. The 

LCOE further drops to a minimum of 9.2 ¢/kWh in the US, or 5.7¢/kWh in KSA, when 

oxy-petcoke combustion takes place at 10 or 15 bar. However, based on a profitability 

analysis, operating at 10 bar has the highest net profit, highest net present value and lowest 

discounted payback period, compared to the plants operating at 1, 5 and 15 bar, whether in 

the US or in KSA. A sensitivity analysis was also conducted that showed that the cost of 

manufacturing (COM), LCOE and costs of CO2 avoided and CO2 capture are most 

sensitive to total capital cost, and to a lesser extent the cost of the fuel, which in this case 

is petcoke. Overall, the technical and economic evaluation help conclude that using petcoke 

as a fuel to generate electricity is viable in oil-refining countries like the US or KSA, in 

which pressurized oxy-petcoke combustion is better than atmospheric as the highest net 

efficiency and lowest LCOE are achieved at an operating pressure of 10 bar. 
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Chapter 1: Introduction  

As part of the International Partnership for Carbon Neutral Combustion (IPCNC), 

sponsored by King Abdulla University of Science and Technology (KAUST), the research 

presented in this thesis assesses the technical and economic viability of using petroleum 

coke (petcoke) as fuel for electricity generation. Petcoke is a low grade fuel that is a by-

product of oil refining and so, not only is it readily available (for free) to oil-refining 

countries, such as the Kingdom of Saudi Arabia (KSA), the United States (US), or even 

Canada, it is also relatively cheap to purchase. However, petcokeôs emission characteristics 

during combustion are undesirable, which is a concern when using petcoke to generate 

energy (Wang et al., 2004). Thus, oxy-fuel combustion technology is a promising option 

to reduce these emission when using petcoke for power generation. In addition, the thesis 

will investigate the impact of increasing the operating pressure of the oxy-combustion 

system on performance and profitability. That is because elevated pressures should 

improve the net efficiency of the process and its profitability, while allowing for cheaper 

and easier removal of waste. 
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1.1 Electricity Generation and CO2 Emissions 

Our dependence on fossil fuels dates to the steam engine, sparking the industrial 

revolution in 1760. Yet, our current energy landscape was most influenced during the 

1970s by an increase in population and labor force, productivity technologies powered by 

fossil fuels, governance and geo-political relationships and finally, environmental priorities 

(WEC, 2016). Since then, greenhouse gas (GHG) emissions almost doubled. In 2016, 49.3 

gigatonnes of CO2 equivalent (GtCO2eq) of GHG were emitted, with energy production 

being responsible for 72% of the emissions, of which heat and electricity production make 

up 31% (WRI, 2017). 

GHG emissions consist of, approximately, 72% carbon dioxide (CO2), 19% 

methane (CH4), 6% nitrous oxide (N2O) and 3% fluorinated gases (Olivier et al., 2017). 

Thus, with increasing GHG emissions, CO2 levels in the atmosphere increased to about 

410 parts per million (ppm) in 2017 from historical levels (pre-1950) that did not exceed 

300 ppm (NASA, 2018). Such an amount of CO2 in the atmosphere is disrupting the global 

carbon cycle and leading to global warming (IPCC, 2014). Without mitigation efforts to 

reduce the levels of CO2 and other GHG in the atmosphere, global temperatures will 

increase between 3.7°C to 4.8°C by 2050, which could prove catastrophic on our ecological 

system (IPCC, 2014). The Paris Agreement sets an ambitious goal to limit the average 

increase in global temperatures to a maximum of 2°C. However, there are currently 1.2 

billion people without access to modern electricity services and the global population is 

projected to increase by another 1.8 billion by 2050 (IEA, 2017a). Thus, as Figure 1.1 

shows, the global demand for energy (in metric tonne of oil equivalent) will increase by 
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about 28%, especially in China and India, due to expanding economies and growing 

populations (IEA, 2017a).  

 
 

Figure 1.1 Change in Primary Energy Demand from 2016-2040 (IEA, 2017a) 

Given the nature of the economies and populations in discussion, cheap and reliable 

fossil fuels will make up at least 58% of the global energy mix by 2040, resulting in a 13% 

increase in energy-related CO2 emissions (IEA, 2017b). Therefore, despite efforts to 

develop reliable renewable energy sources, to electrify sectors and to improve efficiency, 

CO2 emissions are expected to be between 1.5 to 2 times higher than the level required to 

meet the target set in the Paris Agreement (McKinsey Energy Insights, 2018). London-

based not-for-profit think tank, Carbon Tracker Initiative, found that 60 to 80 percent of 

coal, oil and gas reserves of publicly listed companies could be classified as unburnable if 

global average temperature increase is to be limited to 2°C as per the Paris Agreement. 

This would jeopardize shareholder value as Citigroup estimated that these assets are worth 
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around 30 trillion USD (Tugend, 2017). Thus, climate-compatible economic development 

is essential considering the potential consequences of climate change. 
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1.2 Carbon Capture Technologies 

To mitigate the build up of CO2 in the atmosphere, carbon capture and sequestration 

(CCS) technologies have been developed in which the CO2 produced by power plants or 

industrial processes is captured and injected into geological formations, such as depleted 

oil and gas fields or saline formations or used for enhanced oil recovery (IPCC, 2005). 

Figure 1.2 shows the three main technologies available for CCS: post-combustion, pre-

combustion and oxy-fuel combustion (IPCC, 2005). 

 
Figure 1.2 Overview of Carbon Capture Processes (IPCC, 2005) 

In post-combustion, CO2 is separated from the flue gas produced during the 

combustion of the fuel in air, without requiring any modification of the combustion system. 

Typically, a liquid solvent such as, mono-ethanol-amine (MEA), is used to capture the CO2 

present in the flue gas through absorption. During pre-combustion, the fuel is decarbonized 

in steam and air or oxygen (O2) to produce synthesis gas (syngas), which is mostly carbon 

monoxide (CO) and hydrogen (H2). CO further reacts with steam in a shift reactor to 

produce CO2 and H2, which are then separated using absorption, adsorption, cryogenic 
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separation or membrane separation. As for oxy-fuel combustion, the fuel is combusted in 

O2 instead of air, with the presence of CO2. This results in a flue gas that consists of mostly 

CO2 and water (H2O), which can be separated through compression and the condensation 

of H2O. The next section further details oxy-fuel combustion. 

 Once the CO2 from the production site is captured, it is then transported to a storage 

site via pipelines, trucks and rails or ships, depending on the quantity and demand for CO2 

(IPCC, 2005). The most common method of transportation is via pipelines, which is 

capable of transporting large quantities of CO2. Transportation via ships can be economical 

in certain locations where the transportation distance is very large or overseas. For smaller 

quantities of CO2, trucks and rails are viable but are usually used for when the production 

and storage sites are close. Following the transportation of CO2 to the storage site, it is then 

sequestered into geological formations as mentioned earlier. While the potential volume 

available for storage might be large enough for any energy-related CO2 generated, 

sequestration carries the risk of stored CO2 eventually emerging back into the atmosphere 

and contributing to climate change in the future. Along with sequestration, CO2 could be 

used in the production of inert materials. This is geologically stable but is not 

technologically mature and incorporating CO2 into the production process of these products 

is expensive (Vanek et al., 2012). 
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1.3 Oxy-Fuel Combustion Technology 

This research focuses on capturing CO2 from power plants using the oxy-fuel 

combustion process in which the fuel is combusted in an O2 (and CO2) environment in the 

quasi-absence of nitrogen. The resulting flue gas then contains CO2 and H2O along with 

some impurities (e.g. SOx, NOx, O2) based on the type of fuel, plant conditions and 

configuration. Among these impurities are nitrogen oxides because of the presence of small 

amounts of nitrogen (N2) in the oxygen stream and in the fuel as bound nitrogen. The O2 

stream is produced via cryogenic distillation in an air separation unit (ASU) and contains 

2-3% N2 and about 95% O2 with the remainder being argon (Ar). This stream is used as a 

combustion medium, instead of air, to burn the fuel. In such an O2 rich environment, the 

combustion temperature could reach about 3000°C, which is too high for viable materials 

of construction. Thus, about 70-80% of the flue gas is recycled back into the boiler to 

absorb resulting heat, thus controlling the flame temperature inside the boiler to match the 

adiabatic flame temperature when the fuel is combusted in a conventional air-fired case 

(DOE, 2017). The advantage of oxy-fuel combustion is that most of the flue gas stream 

will be composed of CO2 and H2O; condensing the H2O and chilling the stream will result 

in a CO2 stream with about 95% purity, which is compressed to 110 bar and sent via 

pipelines for storage or reuse.  

Figure 1.2 shows the main components of the process flow diagram for an oxy-fuel 

combustion system with CO2 capture (Shafeen, 2014). The ASU is connected to the boiler 

through the O2 feed stream, which enters the boiler along with the fuel. A steam generation 

line connects the boiler to the balance of plant (BOP), also known as the steam cycle. A 
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flue gas stream from the boiler section connects the CO2 capture and purification unit 

(CPU), referred to as the CO2 capture and compression unit (CCU) in the diagram.  

 
Figure 1.3 Typical Oxy-Fuel Power Plant (Shafeen, 2014) 

The auxiliary requirements can be high given the need for an ASU and a CO2 CPU. 

However, since most of the N2 is eliminated through the ASU, the overall volume of the 

flue gas stream is significantly lower than that of an air-fired power plant, which reduces 

the size of the plantôs components and hence, the construction costs (Fu and Gundersen, 

2013). While there are currently no commercial oxy-fuel plants, oxy-fuel combustion 

remains a promising and competitive option for carbon capture as the reduction in 

efficiency and increase in investment are comparable to those related to pre-combustion 

and post-combustion (Davison, 2007; Kanniche et al., 2010). 
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1.4 Research Objectives and Contribution 

The main objective of this thesis is to investigate the viability of using low-grade 

fuels, such as petroleum coke (petcoke), as feedstock to generate power through 

pressurized oxy-fuel combustion technology. Petcoke is a solid refinery by-product and 

thus, has a low price. It also has a higher carbon content than coal but, due its high sulfur 

content, its emission characteristics are undesirable (Wang et al., 2004). To the best of the 

authorôs knowledge, none of the published research explores the oxy-combustion of 

petcoke at neither atmospheric nor pressurized conditions. Also, there are 5 publications - 

4 at atmospheric conditions and 1 at pressurized conditions - that present an integrated 

process configuration for an oxy-combustion power plant that includes an ASU, a boiler 

section, a BOP and a CO2 CPU, all simulated using commercially available software such 

as AspenPlus (Xiong et. al, 2011; Fu and Gundersen, 2013; Hagi et al., 2013; Shafeen et 

al., 2014; Chen and Wu, 2015). 

To fulfill the objective mentioned earlier, the thesis will present a model, in Aspen 

PlusTM, of an integrated process configuration for an oxy-combustion power plant that uses 

petcoke as fuel. The model adopts an ASU from Fu and Gundersen (2013), a BOP form 

DOE/NETL (2008), and a CO2 CPU from Shafeen (2014), but each of these components 

is modified based on performance requirements for this research. In addition, the technical 

model will be complemented with an economic model to assess the economic viability of 

atmospheric and pressurized oxy-petcoke combustion in comparison to oxy-coal 

combustion. It is worth noting that none of the integrated oxy-combustion process 

configurations published is accompanied by an economic analysis. 
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1.5 Thesis Outline 

The thesis is divided into the following six chapters: 

Chapter 1 discusses the limitations of curbing climate change and how carbon 

capture technologies, and oxy-fuel combustion in particular, can allow for climate-

compatible developments. In addition, the contribution of this thesis is also introduced. 

Chapter 2 provides a literature review of oxy-fuel combustion simulations. 

Experiments and key projects are discussed first, followed by a list of all oxy-fuel 

combustion simulations preformed using Aspen software, at atmospheric and pressurized 

conditions. 

Chapter 3 describes the development of the model in Aspen PlusTM, used to 

simulate oxy-coal and oxy-petcoke combustion. The fuels used are described, along with 

the development of each of the components of the power plant. The development of the 

economic model used for analysis is also included. 

Chapter 4 presents the validation of the model developed in the previous chapter. 

It also details the technical evaluation of atmospheric and pressurized oxy-fuel combustion. 

In addition, the impact of pressure on the process is discussed through sensitivity analysis 

results. 

Chapter 5 presents a comparative economic analysis of atmospheric and 

pressurized oxy-petcoke combustion. In addition, the sensitivity analysis of the plant 

economics is presented. 

Chapter 6 gives the conclusions learned from this research along with any 

recommendations worth considering moving further with such research. 
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Chapter 2: Literature Review 

2.1 Oxy-Fuel Combustion Experiments and Projects 

Oxy-fuel combustion has been utilized in multiple applications even before CO2 

emissions were ever a concern. In 1982, it was proposed to utilize oxy-fuel technology in 

coal-fired power plants to control CO2 emissions while producing high purity CO2 streams 

for enhanced oil recovery (Abraham et al., 1982; Horn et al., 1982). Argonne National 

Laboratory (ANL) initiated the investigations of this idea in the mid and late 1980s with 

laboratory-scale studies that focused on combustions characteristics and in the 1990s, 

studies by various other research groups further covered coal reactivity, heat transfer and 

emissions (Chen et al., 2012). The focus of these studies and their most relevant research 

parameters are summarized by Buhre et al. (2005) and Toftegaard et al. (2010). To further 

study oxy-fuel combustion, projects were developed at the pilot, industrial and 

demonstration scales. Figure 2.1 shows a compilation of the survey Wall et al. (2010) 

conducted on the historical development of oxy-fuel combustion research from pilot-scale 

to industrial-scale tests and full-scale demonstrations. While only the important and 

relevant projects will be discussed in this section, more details can be found in Wall et al. 

(2010, 2011), Buhre et al. (2005) and Toftegaard et al. (2010) along with an exhaustive list 

of ongoing and proposed projects in Chen et al. (2012). 
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Figure 2.1 Historical Development of Oxy-Fuel Projects. Adopted from Wall et al., 2010 

(Chen et al., 2012) 

In 2008, Vattenfall constructed a 30 MWth test facility in Schwarze Pumpe, a lignite 

fired power plant near Berlin, Germany. Initial results published by Anheden et al. (2011) 

showed that oxy-fuel operation can be done quickly and safely while the facility met 

emission limits and recovered over 90% of the CO2 with a concentration of over 90% on a 

dry basis. Air Products also contributed to the project by adding sour compression for SOx 

and NOx removal, auto-refrigeration for inerts removal and PRISM® membrane technology 

for the recovery of CO2 and O2 from vent stream (White et al., 2013). The results were 

deemed encouraging and were meant to serve as a basis for the design and operation of 

Vattenfallôs 250 MWe oxy-fuel demonstration plant in Jänschwalde, Germany. 

Along with Vattenfallôs facility, TOTALôs Lacq project in Lyon, France, went into 

service early 2010. It was the worldôs first integrated and industrial oxy-natural gas power 

plant and includes an ASU, a 30 MWth boiler and a flue gas treatment unit. The plantôs flue 

gas is also the first oxy-fuel flue gas to be directly injected into a depleted natural gas 

reservoir. Late in 2011, CIUDEN completed the construction of an oxy-coal test facility in 
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Spain that includes a 20 MWth oxy-pulverized coal boiler and a 30 MWth oxy-circulating 

fluidized bed boiler, which is the largest in the world. Early 2012 saw CS Energy convert 

the retired Callide station, a 100 MWth pulverized coal power plant in Queensland, 

Australia, to an oxy-combustion power plant. It is the worldôs first retrofit demonstration 

with electrical generation (Wall et al., 2010; Wall et al., 2011). Successful operation of 

these plants allows for the commercial demonstration oxy-fuel plants, paving the way for 

oxy-fuel combustion with CO2 capture for electricity generation. 

 

 

 

 

 

 

 

 

 

 

 

 

 



14 

 

2.2 Atmospheric Oxy-Combustion Simulations of Solid Fuels 

Inspired by Andersson et al.ôs (2003) studies on retrofitting an 865 MWe lignite-

fired power plant in Germany with an ASU and a flue gas treatment system for CO2 

recovery, Rodewarld et. al (2005) simulated the application of O2/CO2 combustion in coal-

fired power plants using Aspen PlusTM. The simulation applied oxy-fuel combustion 

principles to an existing coal-fired power plant in Rostock, Germany that, through air-fired 

combustion, produced about 550 MWnet at a net efficiency of 44.3% (on HHV basis). The 

ASU is modelled after a well-established Linde process and provided a 97% purity O2 

stream. The flue gas consisted of 30% O2 and the recycle ratio was 68.6% as to keep the 

heat capacity and adiabatic temperature in the combustion chamber within the air-fired 

range. The CO2 recovery rate was 83% and was captured using a combination of 

condensers, compressors and heat exchangers but a definite purity was not provided. 

Sensitivity analysis did show that CO2 purity needed to be at least 95% for the purified 

CO2 to be liquid during transportation. Overall, the oxy-fuel combustion power plant had 

a net efficiency of 36.5% (equivalent to a 90MWnet reduction in net power generated) and 

the cost of electricity was 10.4 ¢/kWh (based on 2017 USD). 

With the potential implications of increasing CO2 emissions in the atmosphere, the 

US Department of Energy (DOE), with support from the National Energy Technology 

Laboratory (NETL), set objectives to develop performance and cost baselines for oxy-

combustion studies and identify any limitations to capturing 90% of the CO2 produced 

from combusting pulverized coal without increasing the cost of electricity by more than 

20% (DOE, 2008). Out of the 12 cases presented in the report, 4 were oxy-combustion 

cases, utilizing cryogenic distillation to supply O2, and a supercritical steam cycle. The 
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chosen coal was Illinois No. 6 and Aspen PlusTM was used to simulate all cases as a 

550MWnet power plant for performance and cost analysis. O2 was supplied at either 95% 

or 99% purity, 70% of the flue gas was recycled and 98% of SOx were removed using a 

wet flue gas desulfurization (FGD) unit. About 99% of the CO2 produced was captured, 

but the CO2 purity was not reported. However, increasing the CO2 purity to at least 95%, 

reduces the CO2 recovery rate to about 85.5%. The average net efficiency of the 4 cases 

was 29.3% (on HHV basis), which is comparable to air-fired combustion with carbon 

capture and indicating a carbon capture penalty of about 10%. As for the cost analysis 

(based on 2017 USD), the levelized cost of electricity (LCOE) over 20 years was about 

11.95 ¢/kWh for the 4 cases. That is 0.56 ¢/kWh cheaper than air-fired combustion with 

carbon capture but 4.42 ¢/kWh more expensive than conventional air-fired combustion. 

Ultra-supercritical steam cycles were also simulated and showed an increased net 

efficiency by an average of 4.5% points and a reduced LCOE by about 0.46 ¢/kWh. It 

should be noted that all the carbon capture cases studied increased the LCOE by more than 

20% relative to conventional air-fired combustion. Details on each of the cases in this 

comprehensive study and associated analysis are found in a report published by the DOE 

and NETL (DOE, 2008). 

Xiong et al. (2011) simulated an 800 MWgross oxy-pulverized coal power plant 

using AspenPlusTM. The simulation was based on the 2008 report by the US DOE and 

NETL, and so, uses Illinois No. 6 bituminous coal and performs sensitivity analysis on O2 

purity, recycle ratio, recycle position, air ingress and the removal of pollutants. The 

analysis found the following: 95% O2 purity to be high enough for oxy-fuel operation; a 

recycle ratio of 70.5% would allow for a flue gas stream with 30% O2; hot recycle was 
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preferred to cold recycle for corrosion protection and so the chosen recycle position was 

after the economizer; air ingress should be avoided to allow for better operation; and oxy-

combustion decreased NOx emissions but increased the SOx in the flue gas. The flue gas 

processing unit was simulated with an assumption of removing 100% of the SOx, producing 

a 97.61% purity CO2 stream. Additional optimization work was performed on the 

distillations columns in the ASU and the flue gas processing unit to improve 

thermodynamic and economic properties; the net efficiency of the simulated plant was 

34.72% (on HHV basis).  

To analyze the flue gases from power plants, Pei et al. (2013) simulated a 300 MWe 

power plant under various combustion conditions using Aspen PlusTM. For combustion in 

air, the adiabatic flame temperature was 1789°C and the flue gas composition was 84.1% 

N2, 8.1% CO2, 3.8% O2 and 3.6% H2O. Under an oxy-combustion atmosphere of 21% O2 

and 79% CO2 the adiabatic flame temperature was 1395°C and the flue gas composition 

was 64.7% CO2, 28.9% H2O and 4.8% O2. Under an oxy-combustion atmosphere of 30% 

O2 and 70% CO2 the adiabatic flame temperature was 1757°C and the flue gas composition 

was 61.3% CO2, 28.1% H2O and 7.3% O2. Under an oxy-combustion atmosphere of 40% 

O2 and 60% CO2 the adiabatic flame temperature was 2035°C and the flue gas composition 

was 53.2% CO2, 26.9% H2O and 10.6% O2. The remaining molar fractions are mainly 

made up of CO, NO and SO2. Pei et al. also conducted a sensitivity analysis on the effect 

of temperature, excess oxygen and the combustion environment on SOx, NOx and COx 

production. 

 Fu and Gundersen (2012a) conducted a comprehensive exergy analysis of a double-

distillation column ASU to reduce the irreversiblities during low purity O2 production 
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through changes within the flowsheet structure. The process was simulated in Aspen 

PlusTM. They found that the ASU reduced the net efficiency of the plant by 6.6% points, as 

the air compression and distillation are the two largest irreversiblities, responsible for two-

thirds of the exergy losses in the ASU. Suggested changes within the flowsheet structure 

included increasing the isentropic efficiency of compressors from 0.74 to 0.9 and placing 

an intermediate boiler in the lower pressure column. Fu and Gundersen (2012b) also 

investigated possibilities to integrate the compression heat from the ASU with the steam 

cycle. They also ran a techno-economic analysis of one-stage, two-stage and three-stage 

flash separation in the CPU, which revealed that two-stage flash separation was the most 

cost-effective configuration (Fu and Gundersen, 2012c). As an extension to their research, 

they conducted an exergy analysis and attempted heat integration of a 570 MWnet 

supercritical oxy-pulverized coal power plant (Fu and Gundersen, 2013). Along with 

simulating their oxy-combustion system, they simulated an air-fired combustion power 

plant for comparison, using Aspen PlusTM. The ASU and the CPU consumed 117.8 MW 

and 64 MW, respectively, contributing about 9% of the exergy losses. In addition to the 

previous suggestions, these losses could be reduced by optimizing the CO2 recovery rate 

and integrating the ASU or the CPU with other parts of the plant. Integrating the ASU and 

CPU with the steam cycle improves the net thermal efficiency by 0.38% points and 0.27% 

points, respectively; and integrating both increases the net thermal efficiency by 0.72% 

points. The net efficiency of the air-fired combustion system was 39.8% (on HHV basis), 

which decreased to 30.4% for oxy-combustion, with the ASU contributing 6.3% points and 

the CPU contributing 3.4% points. 
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 Hagi et al. (2013) published an exergy analysis of an oxy-pulverized coal power 

plant to assess heat integration opportunities and investigate potential improvements 

through a ñnovel architectureò of the plant. Aspen PlusTM was used to simulate a 1000 

MWgross plant, where an ASU provided O2 at 95% purity for 3.5% excess in the boiler, 

which was supplied with Bituminous Douglas Premium coal and operated at 1250°C. The 

flue gas was denitrified through a selective catalytic reduction (SCR) unit, desulfurized 

using a wet FGD unit, and dehydrated in a CPU to recover 90% of the CO2 produced at 

98% purity. The exergy analysis allowed for process modifications to be investigated, 

which improved the steam generator fuel efficiency and reduced the total exergy losses by 

16%. These modifications reduced the energy penalty associated with the ASU and CPU 

from 11.4% points to 7.9% points, resulting in an improved net efficiency of 38.7% (on 

HHV basis), compared to the base-case net efficiency of 32.6%. 

 Shafeen (2014) used Aspen HYSYSTM to simulate an oxy-fuel combustion system 

and carried out a detailed exergy analysis to develop an exergy analysis tool to be 

implemented into the simulation for automatic exergy calculations. The exergy analysis 

was used to identify potential improvements in the model for higher net efficiencies. The 

model uses an ASU developed by the International Energy Agency (IEA), to supply 95% 

O2, and adopts the BOP used by the US DO, for a 786 MWgross power plant. As for the 

CPU, a patented model that utilizes two-stage flash separation was used, which maintains 

at least a 94% CO2 product purity for flue gases with as low as 30% CO2 (Zanganeh and 

Shafeen, 2011). The exergy analysis showed that the boiler section contributed 78.1% of 

the total exergy losses with the ASU, BOP and CPU contributing 11.6%, 7.8% and 2.6%, 

respectively. Thus, waste heat integration was implemented across the power plant, 
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reducing exergy losses by 10MW and gaining 11.4 MWnet. Both models recovered 92.55% 

of the CO2 and produced CO2 with 95.78% purity but the base model had a net efficiency 

of 27.75%, while the improved model had 28.35%.  

 Instead of coal, Yörük et al. (2017) compared the oxy-combustion of Estonian oil 

shale (EOS) and Utah White River oil shale (UOS) to conventionally combusting EOS and 

UOS in air. Aspen PlusTM was used to simulate the combustion processes, and the 

comparison focused on the flue gas composition and volumetric flowrate, boiler efficiency 

and heat capacities. Yörük et al. maintained 3% excess in the boiler with a pure supply of 

oxygen and adjusted the recycle ratio to maintain a boiler temperature similar to 

conventional air-fired combustion with 20% excess air for EOS (1556°C) and UOS 

(1384°C). In the case of wet recycle, EOS and UOS required 67.3% and 66.5%, 

respectively, of the flue gas to be recycled. In the case of dry recycle, the ratios drop to 

64.1% and 65.6%, for EOS and UOS, respectively. Notable though is the decrease in the 

flue gas volumetric flowrates during oxy-fuel combustion. In wet and dry recycle cases, 

EOS produced 23% and 29% less flue gas, respectively, compared to 31% and 33% less 

flue gas, respectively, for UOS. Since there was no CPU simulated, the highest CO2 

compositions in the flue gases were achieved during dry recycle and were 77.8% and 

80.1%, for EOS and UOS, respectively. While NOx emissions decreased during oxy-fuel 

combustion, SO2 emissions increased and were positively related to boiler temperature. 

Interestingly, the boiler efficiency increased from 81.6% for air-fired combustion to about 

89% during the oxy-combustion cases. 

More recently, Ding et al. (2018) used Aspen PlusTM to simulate a waste-to-energy 

power plant that uses oxy-fuel combustion technology. The simulation is based on a 12 
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MWe conventional waste-to-energy plant in Shenzhen, China that incinerates 800 tonnes 

of municipal solid waste (MSW) each day. Ding et al. compared oxy-combustion to 

conventional combustion and found a decrease of 11.59% in net efficiency. Optimizing 

every part of the power plant through sensitivity analyses increased the net efficiency by 

2.69%, to 9.57% while producing CO2 with 95.79% purity. The optimized parameters 

included a boiler temperature between 850°C and 1150°C and O2 at 96% purity, which 

took into account minimizing NOx (removed via selective non-catalytic reduction) and SOx 

(removed via a FGD). 

 

 

 

 

 

 

 

 

 

 

 

 



21 

 

2.3 Pressurized Oxy-Combustion Simulations of Solid Fuels 

The ThermoEnergy Integrated Power System (TIPS) is one of the earliest designs 

proposed and studied to demonstrate pressurized oxy-fuel combustion. Zheng et al. (2007) 

performed a technical feasibility study of TIPS by comparing it to conventional air- and 

oxy- fired pulverized coal power plants to investigate any technical and economic 

advantages. A 100 MWnet boiler was used with Wyoming Powder River Basin (PRB) and 

Illinois No. 6 coals, and at 80 bar. By operating at an elevated pressure, TIPS allows better 

utilization of the latent heat of the fuel as water vapor can be condensed at higher 

temperatures and the CO2 to be condensed at ambient heat sink temperatures, eliminating 

the need for refrigeration. In addition, a smaller boiler configuration is needed, particles 

can be scrubbed out, and acid gases can be condensed out of the system, which can achieve 

significant capital and annual savings. The optimal operating pressure is dependant on the 

CO2 recovery rate and purity required, but TIPS, operating at 80 bar, has a net efficiency 

(on HHV basis) of about 31%, compared to about 24% and about 22% for the conventional 

air-fired and oxy-fired cases, respectively. 

One of the main oxy-coal combustion technologies that allows for pressurized 

operation is ISOTHERM®, a flameless combustion technology patented by ITEA 

(Malavazi and Rossetti, 2005). Following experimental studies at 4 bar on a 5 MWth boiler, 

ENEL developed an oxy-combustion system based on ISOTHERM® (Benelli et al., 2008; 

Gazzino et al., 2008). Hong et al. (2009) modelled the system by ENEL using Aspen PlusTM 

to analyze and compare it to atmospheric oxy-combustion. Coal was supplied as coal-water 

slurry to a non-adiabatic 300 MWe boiler where thermal energy losses, assumed at 2%, 

were dictated by size. Combustion temperature was maintained at 1550°C, which required 
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88% of the flue gas to be recycled. The operating pressure was set to 10 bar and that 

increased the saturation temperature of the water and the dew point of the flue gas allowing 

for more thermal energy to be recovered from the flue gas. That was done by redirecting 

the water out of the BOP into the boiler to recover the 2% losses and into a high-pressure 

deaerator, replacing the steam bleeding from the high-pressure and the low-pressure 

turbines in the BOP. The proposed pressurized system achieved a net efficiency of 33.5% 

(on HHV basis) compared to 30.2% for the atmospheric system. Hong et al. (2010a) 

followed their analysis with a study on the effect of pressure on the thermal energy recovery 

rate, overall steam bleeding, overall compression power demand, gross power output and 

net efficiency, and found that operating pressures around 10 bar are optimal. In addition, 

their techno-economic study, using assumptions from literature for the economic model 

and sensitivity analysis, found the cost of electricity to be mainly sensitive to fuel costs and 

plant capacity (Hong et al., 2010b). The capital cost of pressurized oxy-combustion was 

somewhat less than atmospheric oxy-combustion and post-combustion, and based on that, 

the cost of electricity and CO2 avoidance costs of pressurized oxy-combustion were 

comparable to values found in literature for other carbon capture systems. Zebian et al. 

(2012) conducted a simultaneous multi-variable optimization with the objective of 

maximizing thermal efficiency. A similar flowsheet to the one developed by Hong et al. 

was used but the steam bleeds move directly into the deaerator instead of cascading from 

one feedwater heater (FWH) to another. The maximum was about 34.5% at operating 

pressure between 3.75 and 6.25 bar. Another optimization study was carried out, but 

instead of using a heat exchanger for recovering thermal energy from water vapor in the 
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flue gas, a direct contact separation column is implemented (Zebian et al., 2013). The 

maximum thermal efficiency was about 34.1% at an operating pressure of about 12.8 bar.  

The other technology found in literature that allows for pressurized oxy-combustion 

is Staged, Pressurized Oxy-Combustion, or SPOC. Gopan et al. (2014) introduced SPOC 

as an alternative to potentially increase plant efficiency by staging fuel into more than one 

boiler to control heat flux and combustion temperature. Staging ends up allowing for a 

near-zero recycle and flue gas cleanup through a single direct contact column. A 550 MWnet 

power plant with SPOC was modelled in Aspen PlusTM with Wyoming PRB and Illinois 

No. 6 coals as fuel. The operating pressure was 10 bar and the temperatures of the boilers 

were 1891°C, 1950°C, 1755°C and 1618°C. The 2008 report by the US DOE and NETL 

was used as basis and SPOC was compared to atmospheric oxy-combustion and 

conventional air-fired combustion, which showed that SPOC reduced the efficiency 

penalty of carbon capture from 10% to about 4% points. Gopan et al. (2015) further 

analyzed the effect of pressure and fuel moisture on SPOC and suggested 16 bar to be the 

optimal pressure and that dry or surface-dry feeding of fuel was preferred to avoid heat 

saturation. Hagi et al. (2014) conducted a comparative study of air-fired combustion, oxy-

combustion, ISOTHERM® and SPOC, in Aspen PlusTM, comparing the energy 

performance of each system. An arbitrary value for CO2 purity was set at 96% with oxy-

combustion recovering 90% of the CO2 and ISOTHERM® and SPOC recovering 95%. 

Focusing on SPOC and ISOTHERM®, SPOCôs net efficiency (based on HHV) was 45.6% 

compared to 41.9% for ISOTHERM®, which lead to Hagi et al. concluding that SPOC 

performed significantly better than ISOTHERM®. 
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Soundararajan and Gundersen (2013) designed a 792 MWgross pressurized oxy-

combustion system, operating at 10 bar, and compared it to a 774 MWgross atmospheric 

oxy-combustion system, by modelling both cases in Aspen PlusTM. Bituminous Douglas 

Premium coal was used as fuel. Both cases had a 95% O2 stream coming from a ASU to 

maintain 3% O2 in the flue gas. However, the temperature in the atmospheric boiler was 

maintained at 1850°C by recycling 71% of the flue gas and the temperature in the 

pressurized boiler was maintained at 1550°C by recycling 85.3%. They explained that 

almost all the heat transfer in the heat recovery stream generator (HRSG) takes place 

convectively, lowering the temperature of the flue gas. Pollutants are removed using a sour 

compression process and CO2 is recovered and purified in a double flash unit. The rate of 

CO2 recovery increases in the pressurized system by 2.8%, from about 95% in the 

atmospheric pressure. Also, auxiliary requirements decreased by 10 MW for the 

pressurized system resulting in a net efficiency of 34.5% (on HHV basis), compared to 

32.8% for the atmospheric system. In addition to the previous flowsheets, Soundararajan 

et al. (2014) also simulated air-fired combustion, using Aspen PlusTM, to estimate the 

energy penalty of carbon capture and emissions avoided. They studied the influence of 

operating pressure, O2 purity and CPU operating parameters on the performance of 

pressurized oxy-combustion systems. The energy output penalty of carbon capture was 

about 6.8%, decreasing to 6% for pressurized oxy-combustion; and the optimum 

parameters were found to be 24 bar with 97% O2 purity, for at least 90% CO2 recovery. 

Chen and Wu (2015) attempted to improve the efficiency of oxy-coal combustion 

through heat integration and operating at an elevated pressure. They modelled a 100 MWe 

power plant in Aspen PlusTM that uses bituminous coal as fuel. The O2 mole fraction in the 
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flue gas was just above 3% and about 80% of the flue gas was recycled, maintaining a 

combustion temperature of 1695°C. The purity of the O2 stream from the ASU was 97.5% 

and the purity of the CO2 stream produced was about 91%. They investigated operating the 

system at ambient pressure without heat integration and found the net efficiency to be 

30.95% (on HHV basis). Increasing the operating pressure to 10 bar improved the 

efficiency to 33.97%. Applying heat integration to the system operating at 10 bar, through 

pinch analysis based on a heat exchanger network optimization algorithm, further 

improved the net efficiency to 35.49%.  
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2.4 Summary and Research Gap 

All publications discussed in this chapter use solid fuels but while most publications 

use coal, two publications use oil shale and MSW, which are considered low-grade fuels 

(Yörük et al., 2017; Ding et al., 2018). Another low-grade fuel that literature does not 

explores is petroleum coke (petcoke). In addition, only 5 of the publications discussed in 

this chapter present an integrated process configuration for an oxy-combustion power plant 

that includes an ASU, a boiler section, a BOP and a CO2 CPU; and only 1 configuration is 

at pressurized conditions (Xiong et. al, 2011; Fu and Gundersen, 2013; Hagi et al., 2013; 

Shafeen et al., 2014; Chen and Wu, 2015). Thus, this research explores using petcoke as 

fuel for a power plant that utilizes oxy-fuel combustion technology using Aspen PlusTM to 

model and simulate the process. The model is an integrated process that adopts an ASU 

from Fu and Gundersen (2013), a CO2 CPU from Shafeen (2014) and just like all 5 

publications referred to earlier, adopts a BOP by DOE/NETL (2008). Along with the boiler, 

each component is modified to meet performance requirements, based on sensitivity 

analysis results. As for economic analysis, none of the 5 publications mentioned include 

one and, of the publications discussed in this chapter, only 2 present an economic analysis 

of their process (DOE, 2008; Hong et al., 2010b). Thus, this thesis will develop an 

integrated oxy-combustion process simulation to contribute an assessment of the viability 

of atmospheric and pressurized oxy-petcoke combustion, in addition to an economic 

analysis to assess the profitability of the process. 
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Chapter 3: Model Development 

This chapter discusses the development of an ASU, a boiler section, a BOP and a 

CO2CPU integrated into one process flowsheet, in Aspen PlusTM 8.8, to simulate an oxy-

fuel combustion power plant (AspenTech, 2011). The ASU is adopted from the study 

performed by Fu and Gundersen (2013), referred to as Norwegian University of Science 

and Technology (NTNU) throughout the text, which is originally based on other literature 

(Hands, 1986). The boiler section and BOP are based on the study performed by the US 

DOE on the oxy-combustion of pulverized coal (DOE, 2008). The CO2CPU was developed 

based on a patented design invented by Zanganeh and Shafeen at CanmetEnergy (Zanganeh 

and Shafeen, 2011). Finally, an economic model, based on literature by Norasetkamon 

(2017), Towler and Sinnott (2008) and Turton et al. (2009), is presented in the final section 

of this chapter to assess the economics of an oxy-petcoke combustion power plant. 
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3.1 Fuels 

As mentioned earlier, the research in this thesis explores simulating the oxy-

combustion of petcoke at atmospheric and pressurized conditions. Petcoke has high carbon 

content contributing to a higher heating value than coal. Table 1 summarizes the 

composition of petcoke, which was provided by the University of Stuttgart along with the 

composition of Illinois No.6 coal, which was extracted from the US DOE study mentioned 

earlier (DOE, 2008). It should be noted that the HHV of the fuels used are 27.2 MJ/kg for 

coal and 34.6 MJ/kg for petcoke. 

Table 3.1 Composition of Illinois No. 6 Coal and Petcoke 

Proximate Analysis (on Dry Basis) Illinois No. 6 Coal Petcoke 

Fixed Carbon 49.7% 85.9% 

Volatile Matter 39.4% 11.9% 

Moisture 0% 0% 

Ash 10.9% 2.2% 

Ultimate Analysis (on Dry Basis)   

Carbon 71.7% 80.8% 

Oxygen 7.8% 8.8% 

Hydrogen 5.1% 3.5% 

Sulfur 2.8% 3.1% 

Nitrogen 1.4% 1.6% 

Chlorine 0.3% 0% 

Moisture 0% 0% 

Ash 10.9% 2.2% 
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3.2 Model Description 

The overall process flowsheet is shown in Figure 3.1, and shows the ASU, boiler 

section, BOP and CO2CPU mentioned at the beginning of the chapter. The flowsheet 

contains the so-called Hierarchy blocks - ASU, STEAM-CY (i.e. BOP) and CO2CPU - 

that link to detailed simulations of those processes, which, along with the boiler section, 

are described next. It should be noted that the literature used to develop the flowsheet for 

this research contained stream summaries including the flowrate, temperature, pressure, 

and composition of streams in the respective flowsheets (DOE 2008; Fu and Gundersen, 

2011; Shafeen, 2014). In addition, the Peng-Robinson (PR) equation of state (EOS) is used 

during the simulations as the majority of the literature reviewed uses it and it is also 

applicable to the temperatures and pressures chosen in this research (Wu and Prausnitz, 

1998). 
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Figure 3.1 Oxy-Combustion Process Flowsheet for Coal and Petcoke 
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3.2.1 Basis and Design Specifications 

Given the literature mentioned earlier, developing a 550 MWE power plant in 

AspenPlusTM would allow for large-scale electricity generation to be simulated and the 

results to be compared with published data. Thus, the basis for developing the process was 

the value of thermal energy that was being produced by the fuel, 1877 MWTH, which was 

picked after reviewing the net power outputs and net efficiencies found in literature (DOE, 

2008). To choose the temperature in the boiler, a simulation was conducted to determine 

the adiabatic flame temperature of the fuel combusted in a conventional air-fired system 

maintaining 20% excess air; as shown in Figure 3.2. The resulting adiabatic flame 

temperatures in the boiler were 1830°C for coal and 1866°C for petcoke.  

 
Figure 3.2 Conventional Air-Fired Combustion System for Coal and Petcoke 

To maintain the temperatures determined above during oxy-combustion, a design 

specification was used to determine the fraction of the flue gas that needs to be recycled 

back to the boiler. Finally, 3% excess oxygen (on dry basis) should be maintained in the 

flue gas during oxy-combustion to ensure the complete combustion of the fuel. Thus, a 

design specification was used to maintain 3% excess oxygen (on dry basis) by varying the 

oxygen flow rate coming from the ASU into the boiler. 
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3.2.2 Air Separation Unit  

Combustion takes place inside R-101-1 in an oxygen rich environment provided by 

the ASU (Figure 3.3). Air at 1 bar and 25°C (AIR) is provided to the ASU and compressed 

to 5.6 bar in a three-stage compressor (C-101) during which some of the H2O present is 

condensed out of the system. The compression heat of the remaining stream (ASU-1) is 

removed through a water-cooled column (V-101), which further dries the stream before 

passing through a separator (V-102) to remove any remaining H2O, CO2
 and other 

impurities (Fu and Gundersen, 2013). Compressed dry air (ASU-5) then passes through the 

first heat exchanger (HX-1) where it is cooled to its dew point of -173.8°C before passing 

through a high-pressure distillation column (T-101). T-101 separates N2 (ASU-8-1) at 99% 

purity, which is sent back to HX-1 to provide cooling. The O2 (ASU-10-1), along with the 

remaining distillate (ASU-9-1), then pass through the second heat exchanger (HX-2) where 

further cooling takes place before the low-pressure distillation column (T-102). T-102 

produces O2 (ASU-14-1) at 95% purity and N2 (ASU-13-1), which is sent back through 

HX-2 and HX-1 to provide cooling as well (Fu and Gundersen, 2013). After heat recovery, 

the N2 streams, now ASU-8-4 and ASU-13-3, are mixed and vented into the atmosphere at 

ambient conditions, as stream N2OUT. As for ASU-14-1, it passes through HX-1 where it 

is heated to 11°C, at 1 bar, generating a stream (O2) with 95% O2, 3% Ar and 2% N2, which 

is sent as O2INLET to R-101-1 where it reacts with the fuel (coal or petcoke). 
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Figure 3.3 Air Separation Unit Flowsheet 
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3.2.3 Boiler and Flue-Gas Section 

To simulate the combustor, a combination of RYield and RGibbs is used. RYield 

simulates the decomposition of the fuel in terms of its components based on ultimate 

analysis, while RGibbs calculates the chemical equilibrium of the combustion reaction by 

minimizing the systemôs Gibbs free energy (Nayak and Mewada, 2011; AspenTech, 2011). 

In Figure 3.1, FUEL goes through DECOMP (RYield) before entering R-101-1 (RGibbs) 

for simulated combustion. Along with FUEL, INLET enters R-101-1 carrying the O2 with 

which the fuel is reacting. INLET is a mixture of O2 (from the ASU) and the flue gas 

recycle stream (RECYCLE) and is made up of about 26% O2, 54% CO2,14% H2O and 6% 

other impurities. The combustion inside R-101-1 takes place at 1850°C for coal and 

1866°C for petcoke, which means that the resulting flue gas, HOT-PROD, is coming out 

of R-101-1 at either of those temperatures, based on the fuel. HOT-PROD then passes 

through a heat recovery steam generator (HRSG), represented by R-101-3, where it is 

cooled to 176°C. A temperature of 176°C is needed to avoid any condensation before the 

stream (COOLPROD) enters the bag filter, SOLIDSEP, where 99.8% of particulate matter 

is removed. The temperature is further increased to 185°C as the stream enters a separator 

unit (SO2-SEP) that acts as a black box to represent a flue gas desulphurization (FGD) unit, 

removing 98% of the sulphur dioxide (SO2) present in the flue gas, GAS-1 (DOE, 2008). 

After removing SO2, the stream (GAS-2) enters a flash separator (V-104) to remove any 

H2O that condensed, resulting in a flue gas that is over 70% CO2 (GAS-4). Over 70% of 

GAS-4 recycled back into R-101-1, as RECYCLE, to maintain the required combustion 

temperature; and the remaining 28%, FLUE-GAS, is sent into the CO2CPU for further 

processing, as will be described later in this section. 
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3.2.4 Balance of Plant 

The heat recovered by R-101-3 is used in the steam cycle (or BOP) to generate 

electricity. The steam cycle (Figure 3.4) consists of three high-pressure turbines (HPT), 

two intermediate-pressure turbines (IPT) and five low-pressure turbines (LPT), which 

provide steam to preheat the feed water passing through the four feedwater heaters 

(FWH). In addition, there is a deaerator, a condenser and pumps. Feed water (SC-1) is 

fed from the condenser (E-117) to the pump (P-102) where it is discharged at 17.2 bar 

and 38.5°C. Instead of going through a FWH, the discharge (SC-2-1) first goes through a 

heat exchanger (E-105) where it is heated to 86°C (SC-2-1-2) using the latent heat of 

GAS-2, instead of extracting steam from the LPTs, C-114, C-115, C-116 and C-117 

(Hong et al., 2012). 2-1-2 then goes into the first FWH (E-118) before entering the 

deaerator (SC-DEAR) at 9.5 bar and 161.7°C. The feed water from the deaerator (SC-6) 

then goes through another pump (P-103) and is discharged at 290 bar and 167°C. Then, 

the discharge (SC-7-1) goes through the remaining FWHs (E-114, E-115 and E-116) 

before entering the boiler at 289 bar and 264°C (SC-8). The feed water is heated to steam 

through R-101-3 before entering the first HPT (C-108) at 599°C, at 242 bar (SC-9-1). 

Following C-108, are two HPTs (C-109 and C-110) after which the steam (SC-9-7) is 

reheated through R-101-3 to at 621°C and 45 bar (SC-9-8). SC-9-8 then enters the IPTs, 

C-111 and C-112, where part of the exhaust steam from C-112 (SC-15) is used to drive 

the boiler feed turbine drive (DOE, 2008). The remaining steam (SC-9-13) enters the 

LPT (C-113) at 10 bar and 381°C and goes through the remaining LPTs (C-114 to C-

117). The steam exits the LPTs at 0.07 bar and 42°C (SC-9-22) and, along with the boiler 

feed turbine drive exhaust (SC-16), all seal and gland steam condensate (SC-17) and 
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make-up feed water (MAKE-UP), enters E-117 to be recycled back as feed water 

(Shafeen, 2014). It should be noted, that steam from the turbines is extracted to pre-heat 

the feed water as it passes through the FWHs. In addition, in Figure 3.4, FGD-HEAT 

account for the amount of energy that would have been allocated to an FGD if it were 

included  in the simulation, instead of SO2-SEP (in Figure 3.1). 
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Figure 3.4 Balance of Plant (Steam Cycle) Flowsheet 
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3.2.5 CO2 Capture and Purification Unit  

The portion of the flue gas that is not recycled (FLUE-GAS) is sent to the 

CO2CPU (Figure 3.6). FLUE-GAS enters multi-stage compression with intercooling, at 1 

bar and 64°C, which compresses the stream up to 30 bar, while cooling it to 35°C 

(Shafeen, 2014). The resulting flue gas (CPU-12-2) then enters a dryer (V-109) removing 

any remaining H2O to avoid the formation of ice, before entering the first heat exchanger 

(HX-3) as CPU-13 and the following flash separator (V-111) as CPU-14 (Fu and 

Gundersen, 2013). V-111 outputs CPU-15, which is separated into CPU-17 and CPU-18, 

and CPU-16. CPU-18 is expanded to 15 bar, reducing its temperature to -38°C, and is 

then flashed through V-110, separating it into CPU-28, which is redirected back into HX-

3 to provide cooling, and CPU-29, which is pumped (P-101) back to 30 bar (CPU-30) 

before mixing with CPU-16. CPU-17 goes into the second heat exchanged (HX-4) and 

then into a flash separator (V-112). V-112 separates the impurities into CPU-20 and the 

CO2 into CPU-21. CPU-20 goes back through HX-4 and HX-3 and is released into the 

atmosphere after being expanded to 1 bar and heated to 23°C as CPU-23-3. CPU-21 then 

provides cooling to HX-4 and HX-3, before going through C-108 where it is compressed 

to 110 bar (CPU-34-2). The mixture of CPU-16 and CPU-30 is also high in CO2 and 

provides cooling to HX-3 as well, before being compressed by C-109 to 110 bar (CPU-

35-2). The streams CPU-34-2 and CPU-35-2 are mixed and cooled to 43°C through E-

119, which produced CO2 at over 96% purity, ready for further compression and 

transportation for reuse or storage, while also recovering over 96% of the CO2 initially 

found in FLUE-GAS (Shafeen, 2014). 
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Figure 3.5 Carbon Capture and Purification Unit (CO2CPU) 
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3.2.6 Model Convergence 

To construct the flowsheet in Figure 3.1, the boiler and flue gas section was created 

first to simulate air combustion producing 1877MWth. A stream containing 95% O2, 3% 

Ar and 2% N2 was then introduced to simulate oxy-combustion with 3% excess oxygen in 

the flue gas. That allowed for the introduction of a recycle stream that maintains the 

adiabatic flame temperature in R-101-1 without convergence issues. The BOP (or steam 

cycle) in Figure 3.4 was then constructed (in a hierarchy) to simulate power generation 

using the 1877 MWth produced by the boiler and flue gas section. A steam cycle is a closed 

loop, however, Aspen PlusTM cannot simulate closed loops and requires an input and an 

output. Thus, to allow for the steam cycle to converge, SC-2 and SC-1, were treated as 

input and output, respectively. In addition, MAKE-UP was introduced to make up for any 

lost feedwater in SC-AIR-1 or SC-AIR-2 ensuring that SC-2 and SC-1 were identical. An 

ASU (Figure 3.3) was then simulated (in a hierarchy) to replace the 95% O2 stream 

introduced earlier. Despite all the input needed being provided by the stream summaries in 

literature, T-102 ran into convergence issues caused by the allocated flowrates of ASU-13-

1, ASU-14-1 and ASU-15-1.  The split was adjusted using mass balance, which was 

necessary as the amount of air required for this flowsheet was different from literature. To 

ease convergence, flowrate ratios were used instead of mass flowrates. Finally, the 

CO2CPU in Figure 3.5 was constructed (in a hierarchy) to purify the remaining flue gas 

from the boiler and flue gas section. Flowrate ratios were used from the start; and to reach 

convergence, the CO2CPU was first simulated without recycling CPU-33 back for 

purification. Once convergence was reached, CPU-33 was recycled back through C-MIX -

4, which eased convergence. 
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The input file for simulating an oxy-combustion power plant at atmospheric 

conditions is shown in Appendix J, which includes 765 lines of input. Overall, there were 

89 blocks and 162 streams. The boiler and flue gas section included 9 blocks while the 

ASU, BOP and CO2CPU included 15, 34 and 31 blocks, respectively. As for the streams, 

the boiler and flue gas section had 29 streams while the ASU, BOP and CO2CPU had 29, 

69 and 48 streams, respectively. The default number of iterations for each block in Aspen 

PlusTM was used, in which convergence was reached, without any warnings or errors, 

within about 90 seconds. It should be noted that the simulation was run on an Intel® CoreTM 

i7-6700HQ with 16 GB of RAM. 
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3.3 Economic Model 

While economic assessments of oxy-fuel developments are found in literature, it 

should be noted that comparing economic assessments with one another will demonstrate 

significant discrepancy due to different calculation basis and varying costs, policies and 

legislation among countries. With no commercial oxy-fuel plants yet, there is also 

considerable uncertainty with regards to costs, efficiency and CO2 utilization (Buhre et al., 

2005). However, a comprehensive review comparing techno-economic studies of carbon 

capture technologies is published by Kanniche et al. (2010) and another by Rubin et al. 

(2015) assesses the current cost of CO2 capture technologies in comparison to government 

reports published up to a decade ago. 

 To assess the economics of oxy-petcoke combustion, literature was reviewed to 

develop an economic model of a 550 MWe power plant that operates at 85% of its capacity 

for 20 years (Norasetkamon, 2017; Towler and Sinnott, 2008; Turton et al., 2009). In 

addition, the economic model will need assumptions that are appropriate to oxy-

combustion technology. Along with details of the economic model, these assumptions will 

be explained when applicable in the following sub-sections. 
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3.3.1 Capital Cost Estimation 

The class of capital cost estimates utilized here is referred to as study estimates in 

literature and it focuses on the major equipment in the process. Estimating the cost of 

purchasing these equipment is needed to estimate the capital cost of the power plant and to 

do that, the operating pressure and the materials of construction need to be specified. For 

equipment operating at ambient pressure and using carbon steel, equation (3.1) is used: 

ÌÏÇὅ ὑ ὑÌÏÇὃ ὑ ÌÏÇὃ       (3.1) 

where ὅ  is the purchased cost of the equipment, A is the capacity or size of the equipment 

and K1-3 are constants (Turton et al., 2009). For cases where the operating pressure is not 

ambient, or where carbon steel is not suitable, equation (3.2) is used instead: 

ὅ ὥ ὦὅ           (3.2) 

where ὅ  is the capacity or size of the equipment, with m, a and b as constants (Towler 

and Sinnott, 2008). 

Since the power plant in discussion is a new one there are various direct and indirect 

factors that contribute to capital cost. Direct costs include equipment and installation 

material costs along with labor costs for installation; and indirect costs include taxes along 

with freight, insurance and construction overhead costs, in addition to any contractor 

engineering expenses. Costs associated with these factors are accounted for by equation 

(3.3):  

ὅ ὅὊ           (3.3) 
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where ὅ  is the bare module equipment cost, and it is equivalent to summing the costs of 

the direct and indirect factors, while Ὂ  is the bare module factor, which accounts for 

non-ambient operating pressure and materials of construction other than carbon steel 

(Turton et al., 2008). When the equipment is operating at ambient pressure and is 

constructed of carbon steel, then ὅ  and Ὂ  are used. Ὂ  is calculated using equation 

(3.4): 

Ὂ ὄ ὄὊὊ           (3.4) 

where ὄ and ὄ are constants, Ὂ  is the material factor, which is 1 when carbon steel is 

used, and Ὂ is the pressure factor, which can be calculated from equation (3.5) or equation 

(3.6) if the equipment is a process vessel (Ὂȟ ): 

ÌÏÇὊ ὅ ὅÌÏÇὖ ὅ ÌÏÇὖ        (3.5) 

Ὂȟ
Ȣ Ȣ

Ȣ

Ȣ
        (3.6) 

where ὖ is the operating pressure in barg, C1-3 are constants (these constants are equal to 0 

for equipment not affected by operating pressure) and D is the vessel diameter in m. 

Equation (3.6) assumes that the process vessel is made of carbon steel in which 0.00315 is 

the corrosion allowance in m, 944 is the maximum allowable working pressure in bar , 0.9 

is the weld efficiency and 0.0063 is the minimum allowable thickness of the vessel in m 

(Turton et al., 2008). While equation (3.3) is applicable to most equipment, the bare module 

cost of furnaces (ὅ ȟ ) and sieve trays (ὅ ȟ  ) is calculated using equations 

(3.7) and (3.8), respectively: 

ὅ ȟ ὅὊ Ὂ         (3.7) 
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ὅ ȟ  ὅὊ ὔὊ         (3.8) 

where ὔ  is the number of trays and Ὂ is the quantity factor, which is equal to 1 when N 

Ó 20 and calculated using equation (3.9) when N < 20: 

ÌÏÇὊ πȢτχχρπȢπψυςÌÏÇὔ πȢστχσÌÏÇὔ      (3.9) 

 In addition to the direct and indirect costs mentioned earlier, there are contingency 

and fee costs and auxiliary facilities costs that should be considered when discussing a new 

power plant. Contingency and fee costs protect against oversight and faulty information, 

and are assumed at 15% and 3%, respectively, of the bare module cost. On the other hand, 

auxiliary and fee costs include costs associated with site development, auxiliary buildings 

and off-sites and utilities, and are assumed to be equal to 50% of the bare module costs for 

ambient operating pressure and carbon steel. Adding the contingency and fee costs to the 

bare module cost provides the total module cost and adding the auxiliary and fee costs to 

the total module cost provides the grassroots cost: 

ὅ ρȢρψВ ὅ ȟ         (3.10) 

ὅ ὅ πȢυВ ὅ ȟ         (3.11) 

where, ὅ  is the total module cost, ὅ  is the grassroots cost and ὓ is the total number of 

equipment (Turton et al., 2008). While ὅ  is also referred to as the fixed capital investment 

(FCI), the amount of capital required to start up the plant and finance the period of 

operation before revenue generation is referred to as the working capital cost, which is 

assumed to be 15% of the fixed capital cost (Turton et al., 2008). Finally, the summation 
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of the working capital cost and the fixed capital cost provides the total capital cost of the 

power plant: 

4ÏÔÁÌ #ÁÐÉÔÁÌ #ÏÓÔὊὅὍ7ÏÒËÉÎÇ #ÁÐÉÔÁÌ #ÏÓÔρȢρυὅ     (3.12) 
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3.3.2 Cost of Manufacturing Estimation 

There are also costs associated with the daily operation of the power plant, referred 

to as cost of manufacturing (COM). These costs are usually divided into direct 

manufacturing costs, fixed manufacturing costs and general expenses. Direct 

manufacturing costs consider the cost of operation, which varies with production rate. 

However, fixed manufacturing costs are independent of production rate as they consider 

property taxes, insurance and depreciation, which are charged at a fixed rate. As for general 

expenses, they include management, sales, financing and research functions, which are all 

necessary to carry out operations (Turton et al., 2008). To evaluate these costs the FCI, cost 

of operating labor, cost of utilities, cost of waste treatment and cost of raw materials need 

to be estimated, in which the summation of all these costs provides the COM: 

ὅὕὓ πȢςψπὊὅὍςȢχσὅ ρȢςσὅ ὅ ὅ      (3.13) 

where ὅ  is the cost of operating labor, ὅ  is the cost of utilities, ὅ  is the cost of waste 

treatment and ὅ  is the cost of raw materials (Turton et al., 2008). To calculate ὅ , the 

number of operators per shift is needed, which is calculated using equation (3.14), along 

with the average hourly wage of an operator, which is heavily dependent on the location of 

the plant but is estimated to be as 61,620 USD (Bureau of Labor and Statistics, 2017). 

ὔ φȢςωσρȢχὔ πȢςσὔ
Ȣ

       (3.14) 

where  ὔ  is the number of operators per shift, ὔ  is the number of particulate solid 

processing steps and ὔ  is the number of non-particulate processing steps. ὅ  and ὅ  

are calculated based on the costs in Tables 3.2 and 3.3, respectively; and ὅ  is calculated 

based on the cost of the fuel, which in this case is petcoke (Turton et al., 2008). However, 
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the cost of petcoke is assumed to be zero, since the power plant in discussion is assumed 

to be in a country that is already producing petcoke as a by-product during its business-as-

usual oil-refining processes. Otherwise, petcoke is assumed to cost about 51 USD/tonne 

for a power plant in KSA or 57.45 USD/tonne for a power plant in the US (EIA, 2018; 

Pulak, 2016). 

Table 3.2 Cost of Utilities (Turton et al., 2008) 

Utility  Description 
Cost 

(USD/GJ) 

Steam from Boilers 

Low pressure steam (5 bar, 160°C) 

Medium Pressure Steam (10 bar, 184°C) 

High Pressure Steam (41 bar, 254°C) 

6.08 

6.87 

17.70 

Cooling Tower Water Processes cooling water (30°C to 40°C to 45°C) 0.16 

Refrigeration 
Low Temperature (-20°C) 

Very Low Temperature (-50°C) 

7.89 

13.11 

 

Table 3.3 Cost of Waste Treatment (Turton et al., 2008) 

Process Description 
Cost  

(USD/common unit) 

Waste Disposal  

(Solid and Liquid) 

Nonhazardous 

Hazardous 

36 USD/tonne 

200-2000 USD/tonne 

Waste Water 

Treatment 

Primary (filtration) 41 USD/1000m3 

Secondary (filtration, activated 

sludge) 
43 USD/1000m3 

Tertiary (filtration, activated sludge, 

chemical processing) 
56 USD/1000m3 
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3.3.3 Levelized Cost of Electricity and CO2 Avoided and Capture Costs 

To compare oxy-fuel combustion technology utilizing petcoke to other combustion 

and renewable technologies utilizing other fuels, the levelized cost of electricity (LCOE) 

is required. LCOE is the cost per unit of electricity of building and operating a power plant 

over its assumed lifetime and so, it represents the minimum price at which electricity must 

be sold for the power plant to break even. LCOE is calculated using equation (3.15): 

ὒὅὕὉ
  Ȣ Ȣ Ȣ

    (3.15) 

where  ὅὅὊ is the capital charge factor for P years of levelization (P chosen here to be 20 

years), CF is the capacity factor (85%) and E is the electricity generated per year if CF was 

100% in kWhnet (Turton et al., 2008). ὅὅὊ is calculated using thee following equation:  

ὅὅὊ           (3.16) 

where Ὥ is the interest rate, which is assumed to be 17.5% in the US and ὲ is the number of 

annuities, which is assumed to be 20 (Turton et al., 2008). When assessing oxy-fuel 

combustion, calculating the cost of CO2 avoided and cost of CO2 capture is also important 

as it provides context for how much the ASU and CO2CPU are contributing: 

#ÏÓÔ ÏÆ #/ !ÖÏÉÄÅÄ
        

 (3.17) 

#ÏÓÔ ÏÆ #/ #ÁÐÔÕÒÅ
 

        (3.18) 

where ὒὅὕὉ is ὒὅὕὉ but without considering the ASU and CO2CPU. Both LCOE values 

are in USD/kWh; and CO2 Captured and both CO2 Produced values are in tonnes/kWh. 
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3.3.4 Profitability Analysis  

To perform a profitability analysis on the power plant, it is first assumed that the 

land required is purchased at time zero, and its cost is equal to 5% of FCI. The construction 

then starts, and given the magnitude of the power plant, it is assumed that this construction 

will last for three years, in which the start-up time of the plant starts at the end of the third 

year (Turton et al., 2008). In addition, it is assumed that FCI excluding the cost of land, or 

FCIô, is paid over the first three years: 40% the first year and 30% in each of the following 

two years.  

There are three criteria to analyse profitability: time, cash and interest rate. These 

criteria are calculated here using a discounted technique, which discounts the yearly cash 

flows back to time zero taking into account the time value of money. The time criterion, or 

discounted payback period (DPBP), is the time required to recover FCIô after start-up and 

can be determined using equation (3.19). The cash criterion, or the net present value (NPV), 

is the cumulative discounted cash position at the end of the plantôs life and is calculated 

using equation (3.20). The interest rate criterion, or the discounted cash flow rate of return 

(DCFROR) is the interest rate that makes NPV equal to zero when all cash flows are 

discounted. DCFROR is the highest after-tax interest rate at which the project breaks even 

and should be greater than the internal discount rate for a project to be considered 

profitable. 

π ὊὅὍὋ          (3.19) 

ὔὖὠ В           (3.20) 
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where Ὃ is annual profit; and ά is the time period, which in this case is ὲ plus the number 

of years of construction, and ὧ  is the net cash inflow during ά. 

 Another useful approach to assess profitability is calculating the equivalent annual 

operating cost (EAOC), which allows for a profitability analysis when the expected 

operating lives of equipment differ. EAOC, which is calculated using equation (3.20), is 

basically the direct manufacturing costs and administrative costs added to the total capital 

cost amortized over the operating life (Turton et al., 2008): 

Ὁὃὕὅ ὅὅὊ4ÏÔÁÌ #ÁÐÉÔÁÌ #ÏÓÔ 

πȢρφὊὅὍρȢυυὅ ρπȢσὅ ὅ ὅ    (3.21) 

 

 

 

 

 

 

 

 

 

 






























































































































































































































































































































































